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Preface

In the new millennium, extensive application of bioprocesses has created an environment
for many engineers to expand knowledge of and interest in biotechnology. Microorganisms
produce alcohols and acetone, which are used in industrial processes. Knowledge related to
industrial microbiology has been revolutionised by the ability of genetically engineered
cells to make many new products. Genetic engineering and gene mounting has been devel-
oped in the enhancement of industrial fermentation. Finally, application of biochemical
engineering in biotechnology has become a new way of making commercial products.

This book demonstrates the application of biological sciences in engineering with theo-
retical and practical aspects. The seventeen chapters give more understanding of the know-
ledge related to the specified field, with more practical approaches and related case studies
with original research data. It is a book for students to follow the sequential lectures with
detailed explanations, and solves the actual problems in the related chapters.

There are many graphs that present actual experimental data, and figures and tables,
along with sufficient explanations. It is a good book for those who are interested in more
advanced research in the field of biotechnology, and a true guide for beginners to practise
and establish advanced research in this field. The book is specifically targeted to serve as a
useful text for college and university students; it is mostly recommended for undergraduate
courses in one or two semesters. It will also prove very useful for research institutes and
postgraduates involved in practical research in biochemical engineering and biotechnology.

This book has suitable biological science applications in biochemical engineering and
the knowledge related to those biological processes. The book is unique, with practical
approaches in the industrial field. I have tried to prepare a suitable textbook by using a
direct approach that should be very useful for students in following the many case studies.
It is unique in having solved problems, examples and demonstrations of detailed experi-
ments, with simple design equations and required calculations. Several authors have con-
tributed to enrich the case studies.

During the years of my graduate studies in the USA at the University of Oklahoma and
the University of Arkansas, the late Professor Mark Townsend gave me much knowledge and
assisted me in my academic achievements. I have also had the opportunity to learn many
things from different people, including Professor Starling, Professor C.M. Sliepcevich and
Professor S. Ellaison at the University of Oklahoma. Also, it is a privilege to acknowledge
Professor J.L.. Gaddy and Professor Ed Clausen, who assisted me at the University of Arkansas.
I am very thankful for their courage and the guidance they have given me. My vision in
research and my success are due to these two great scholars at the University of Arkansas:
they are always remembered.
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This book was prepared with the encouragement of distinguished Professor Gaddy, who
made me proud to be his student. I also acknowledge my Ph.D. students at the University
of Science Malaysia: Habibouallah Younesi and Aliakbar Zinatizadeh, who have assisted
me in drawing most of the figures. I am very thankful to my colleagues who have contributed
to some parts of the chapters: Dr M. Jahanshahi, from the University of Mazandaran, Iran,
and Dr Nidal Hilal from the University of Nottingham, UK. Also special thanks go to
Dr H. Younesi, Dr W.S. Long, Associate Professor A.H. Kamaruddin, Professor S. Bhatia,
Professor A.R. Mohamed and Associate Professor A.L. Ahmad for their contribution of
case studies.

I acknowledge my friends in Malaysia: Dr Long Wei Sing, Associate Professor Azlina
Harun Kamaruddin and Professor Omar Kadiar, School of Chemical Engineering and
School of Industrial Technology, the Universiti Sains Malaysia, for editing part of this
book. I also acknowledge my colleague Dr Mohammad Ali Rupani, who has edited part of
the book. Nor should I forget the person who has accelerated this work and given lots of
encouragement: Deirdre Clark at Elsevier.

G. D. NAJAFPOUR
Professor of Chemical Engineering
University of Mazandaran, Babol, Iran
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CHAPTER 1

Industrial Microbiology

1.1 INTRODUCTION

Microorganisms have been identified and exploited for more than a century. The Babylonians
and Sumerians used yeast to prepare alcohol. There is a great history beyond fermenta-
tion processes, which explains the applications of microbial processes that resulted in the
production of food and beverages. In the mid-nineteenth century, Louis Pasteur understood
the role of microorganisms in fermented food, wine, alcohols, beverages, cheese, milk,
yoghurt and other dairy products, fuels, and fine chemical industries. He identified many
microbial processes and discovered the first principal role of fermentation, which was
that microbes required substrate to produce primary and secondary metabolites, and end
products.

In the new millennium, extensive application of bioprocesses has created an environ-
ment for many engineers to expand the field of biotechnology. One of the useful applica-
tions of biotechnology is the use of microorganisms to produce alcohols and acetone, which
are used in the industrial processes. The knowledge related to industrial microbiology has
been revolutionised by the ability of genetically engineered cells to make many new prod-
ucts. Genetic engineering and gene mounting have been developed in the enhancement of
industrial fermentation. Consequently, biotechnology is a new approach to making com-
mercial products by using living organisms. Furthermore, knowledge of bioprocesses has
been developed to deliver fine-quality products.

Application of biological sciences in industrial processes is known as bioprocessing.
Nowadays most biological and pharmaceutical products are produced in well-defined
industrial bioprocesses. For instance, bacteria are able to produce most amino acids that can
be used in food and medicine. There are hundreds of microbial and fungal products purely
available in the biotechnology market. Microbial production of amino acids can be used to
produce L-isomers; chemical production results in both D- and L-isomers. Lysine and glu-
tamic acid are produced by Corynebacterium glutamicum. Another food additive is citric
acid, which is produced by Aspergillus niger. Table 1.1 summarises several widespread
applications of industrial microbiology to deliver a variety of products in applied industries.

The growth of cells on a large scale is called industrial fermentation. Industrial fermen-
tation is normally performed in a bioreactor, which controls aeration, pH and temperature.
Microorganisms utilise an organic source and produce primary metabolites such as ethanol,
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TABLE 1.1. Industrial products produced by biological processes'?

Fermentation product

Microorganism

Application

Ethanol (non-beverage)
2-Ketogluconic acid

Pectinase, protease
Bacterial amylase
Bacterial protease
Dextran

Sorbose
Cobalamin (vitamin B,,)
Glutamic acid
Gluconic acid
Lactic acid

Citric acid
Acetone-butanol
Insulin, interferon

Yeast and culture starter
Microbial protein (SCP)
Penicillin

Cephalosporins
Erythromycin

Saccharomyces cerevisiae
Pseudomonas sp.

Aspergillus niger, A. aureus
Bacillus subtilis

B. subtilis

Leuconostoc mesenteroides
Gluconobacter suboxydans
Streptomyces olivaceus
Brevibacterium sp.
Aspergillus niger

Rhizopus oryzae

Aspergillus niger or A. wentii
Clostridium acetobutylicum
Recombinant E. coli

Baker’s yeast

Lactobacillus bulgaricus
Lactic acid bacteria

Candida utilis

Pseudomonas methylotroph
Penicillium chrysogenum
Cephalosparium acremonium
Streptomyces erythreus

Fine chemicals

Intermediate for
D-araboascorbic acid

Clarifying agents in fruit juice

Modified starch, sizing paper

Desizing fibres, spot remover

Food stabilizer

Manufacturing of ascorbic acid

Food supplements

Food additive

Pharmaceutical products

Foods and pharmaceuticals

Food products, medicine

Solvents, chemical intermediate

Human therapy

Cheese and yoghurt production
Food supplements
Antibiotics

Antibiotics
Antibiotics

which are formed during the cells” exponential growth phase. In some bioprocesses, yeast
or fungi are used to produce advanced valuable products. Those products are considered
as secondary metabolites, such as penicillin, which is produced during the stationary
phase. Yeasts are grown for wine- and bread-making. There are other microbes, such as
Rhizobium, Bradyrhizobium and Bacillus thuringiensis, which are able to grow and utilise
carbohydrates and organic sources originating from agricultural wastes. Vaccines, anti-
biotics and steroids are also products of microbial growth.

1.2 PROCESS FERMENTATION

The term ‘fermentation’ was obtained from the Latin verb ‘fervere’, which describes the
action of yeast or malt on sugar or fruit extracts and grain. The ‘boiling’ is due to the pro-
duction of carbon dioxide bubbles from the aqueous phase under the anaerobic catabolism
of carbohydrates in the fermentation media. The art of fermentation is defined as the chem-
ical transformation of organic compounds with the aid of enzymes. The ability of yeast
to make alcohol was known to the Babylonians and Sumerians before 6000 BC. The
Egyptians discovered the generation of carbon dioxide by brewer’s yeast in the preparation
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of bread. The degradation of carbohydrates by microorganisms is followed by glycolytic
or Embden-Myerhof-Parnas pathways.!> Therefore the overall biochemical reaction
mechanisms to extract energy and form products under anaerobic conditions are called fer-
mentation processes. In the process of ethanol production, carbohydrates are reduced to
pyruvate with the aid of nicotinamide adenine dinucleotide (NADH); ethanol is the end
product. Other fermentation processes include the cultivation of acetic acid bacteria for the
production of vinegar. Lactic acid bacteria preserve milk; the products are yoghurt and
cheese. Various bacteria and mold are involved in the production of cheese. Louis Pasteur,
who is known as the father of the fermentation process, in early nineteenth century defined
fermentation as life without air. He proved that existing microbial life came from pre-
existing life. There was a strong belief that fermentation was strictly a biochemical reac-
tion. Pasteur disproved the chemical hypothesis. In 1876, he had been called by distillers
of Lille in France to investigate why the content of their fermentation product turned sour.?
Pasteur found under his microscope the microbial contamination of yeast broth. He
discovered organic acid formation such as lactic acid before ethanol fermentation. His
greatest contribution was to establish different types of fermentation by specific microor-
ganisms, enabling work on pure cultures to obtain pure product. In other words, fermenta-
tion is known as a process with the existence of strictly anaerobic life: that is, life in the
absence of oxygen. The process is summarised in the following steps:

 Action of yeast on extracts of fruit juice or, malted grain. The biochemical reactions are
related to generation of energy by catabolism of organic compounds.

* Biomass or mass of living matter, living cells in a liquid solution with essential nutrients
at suitable temperature and pH leads to cell growth. As a result, the content of biomass
increases with time.

In World War I, Germany was desperate to manufacture explosives, and glycerol was
needed for this. They had identified glycerol in alcohol fermentation. Neuberg discovered
that the addition of sodium bisulphate in the fermentation broth favored glycerol production
with the utilization of ethanol. Germany quickly developed industrial-scale fermentation,
with production capacity of about 35 tons per day.? In Great Britain, acetone was in great
demand; it was obtained by anaerobic fermentation of acetone—butanol using Clostridium
acetobutylicum.

In large-scale fermentation production, contamination was major problem. Microorganisms
are capable of a wide range of metabolic reactions, using various sources of nutrients. That
makes fermentation processes suitable for industrial applications with inexpensive nutri-
ents. Molasses, corn syrup, waste products from crystallisation of sugar industries and the wet
milling of corn are valuable broth for production of antibiotics and fine chemicals. We will
discuss many industrial fermentation processes in the coming chapters. It is best to focus first
on the fundamental concepts of biochemical engineering rather than the applications.

There are various industries using biological processes to produce new products, such as
antibiotics, chemicals, alcohols, lipid, fatty acids and proteins. Deep understanding of bio-
processing may require actual knowledge of biology and microbiology in the applications
of the above processes. It is very interesting to demonstrate bench-scale experiments and
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make use of large-scale advanced technology. However, application of the bioprocess in
large-scale control of microorganisms in 100,000 litres of media may not be quite so simple
to manage. Therefore trained engineers are essential and highly in demand; this can be
achieved by knowledge enhancement in the sheathe bioprocesses. To achieve such objec-
tives we may need to explain the whole process to the skilled labour and trained staff to
implement bioprocess knowhow in biotechnology.

1.3 APPLICATION OF FERMENTATION PROCESSES

Man has been using the fermentative abilities of microorganisms in various forms for many
centuries. Yeasts were first used to make bread; later, use expanded to the fermentation of
dairy products to make cheese and yoghurt. Nowadays more than 200 types of fermented
food product are available in the market. There are several biological processes actively
used in the industry, with high-quality products such as various antibiotics, organic acids,
glutamic acid, citric acid, acetic acid, butyric and propionic acids. Synthesis of proteins and
amino acids, lipids and fatty acids, simple sugar and polysaccharides such as xanthan gum,
glycerol, many more fine chemicals and alcohols are produced by bioprocesses with suit-
able industrial applications. The knowledge of bioprocessing is an integration of biochem-
istry, microbiology and engineering science applied in industrial technology. Application of
viable microorganisms and cultured tissue cells in an industrial process to produce specific
products is known as bioprocessing. Thus fermentation products and the ability to cultivate
large amounts of organisms are the focus of bioprocessing, and such achievements may
be obtained by using vessels known as fermenters or bioreactors. The cultivation of large
amounts of organisms in vessels such as fermenters and bioreactors with related fermenta-
tion products is the major focus of bioprocess.

A bioreactor is a vessel in which an organism is cultivated and grown in a controlled
manner to form the by-product. In some cases specialised organisms are cultivated to pro-
duce very specific products such as antibiotics. The laboratory scale of a bioreactor is in the
range 2—100 litres, but in commercial processes or in large-scale operation this may be up
to 100 m3.* Initially the term ‘fermenter’ was used to describe these vessels, but in strict
terms fermentation is an anaerobic process whereas the major proportion of fermenter uses
aerobic conditions. The term ‘bioreactor’ has been introduced to describe fermentation
vessels for growing the microorganisms under aerobic or anaerobic conditions.

Bioprocess plants are an essential part of food, fine chemical and pharmaceutical indus-
tries. Use of microorganisms to transform biological materials for production of fermented
foods, cheese and chemicals has its antiquity. Bioprocesses have been developed for an
enormous range of commercial products, as listed in Table 1.1. Most of the products orig-
inate from relatively cheap raw materials. Production of industrial alcohols and organic
solvents is mostly originated from cheap feed stocks. The more expensive and special bio-
processes are in the production of antibiotics, monoclonal antibodies and vaccines.
Industrial enzymes and living cells such as baker’s yeast and brewer’s yeast are also com-
mercial products obtained from bioprocess plants.
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TABLE 1.2. Products and services by biological processes

Sector Product and service Remark

Chemicals Ethanol, acetone, butanol Bulk
Organic acids (acetic, butyric, propionic and citric acids)
Enzymes Fine
Perfumeries
Polymers
Pharmaceuticals Antibiotics
Enzymes
Enzyme inhibitors
Monoclonal antibodies

Steroids
Vaccines

Energy Ethanol (gasohol) Non-sterile
Methane (biogas)

Food Diary products (cheese, yoghurts, etc.) Non-sterile

Baker’s yeast

Beverages (beer, wine)

Food additives

Amino acids

Vitamin B

Proteins (SCP)
Agriculture Animal feeds (SCP) Non-sterile

Waste treatment

Vaccines

Microbial pesticides

Mycorrhizal inoculants

1.4 BIOPROCESS PRODUCTS

Major bioprocess products are in the area of chemicals, pharmaceuticals, energy, food and
agriculture, as depicted in Table 1.2. The table shows the general aspects, benefits and
application of biological processes in these fields.

Most fermented products are formed into three types. The main categories are now
discussed.

1.4.1 Biomass

The aim is to produce biomass or a mass of cells such as microbes, yeast and fungi. The
commercial production of biomass has been seen in the production of baker’s yeast, which
is used in the baking industry. Production of single cell protein (SCP) is used as biomass
enriched in protein.® An algae called Spirulina has been used for animal food in some coun-
tries. SCP is used as a food source from renewable sources such as whey, cellulose, starch,
molasses and a wide range of plant waste.
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1.4.2 Cell Products

Products are produced by cells, with the aid of enzymes and metabolites known as cell
products. These products are categorised as either extracellular or intracellular. Enzymes
are one of the major cell products used in industry. Enzymes are extracted from plants and
animals. Microbial enzymes, on the other hand, can be produced in large quantities by con-
ventional techniques. Enzyme productivity can be improved by mutation, selection and per-
haps by genetic manipulation. The use of enzymes in industry is very extensive in baking,
cereal making, coffee, candy, chocolate, corn syrup, dairy product, fruit juice and bever-
ages. The most common enzymes used in the food industries are amylase in baking, pro-
tease and amylase in beef product, pectinase and hemicellulase in coffee, catalase, lactase
and protease in dairy products, and glucose oxidase in fruit juice.

1.4.3 Modified Compounds (Biotransformation)

Almost all types of cell can be used to convert an added compound into another compound,
involving many forms of enzymatic reaction including dehydration, oxidation, hydroxyla-
tion, amination, isomerisation, etc. These types of conversion have advantages over chem-
ical processes in that the reaction can be very specific, and produced at moderate
temperatures. Examples of transformations using enzymes include the production of
steroids, conversion of antibiotics and prostaglandins. Industrial transformation requires
the production of large quantities of enzyme, but the half-life of enzymes can be improved
by immobilisation and extraction simplified by the use of whole cells.

In any bioprocess, the bioreactor is not an isolated unit, but is as part of an integrated
process with upstream and downstream components. The upstream consists of storage
tanks, growth and media preparation, followed by sterilisation. Also, seed culture for inoc-
ulation is required upstream, with sterilised raw material, mainly sugar and nutrients,
required for the bioreactor to operate. The sterilisation of the bioreactor can be done by
steam at 15 pounds per square inch guage (psig), 121 °C or any disinfectant chemical
reagent such as ethylene oxide. The downstream processing involves extraction of the
product and purification as normal chemical units of operation.” The solids are separated
from the liquid, and the solution and supernatant from separation unit may go further for
purification after the product has been concentrated.

1.5 PRODUCTION OF LACTIC ACID

Several carbohydrates such as corn and potato starch, molasses and whey can be used to
produce lactic acid. Starch must first be hydrolysed to glucose by enzymatic hydrolysis;
then fermentation is performed in the second stage. The choice of carbohydrate material
depends upon its availability, and pretreatment is required before fermentation. We shall
describe the bioprocess for the production of lactic acid from whey.

Large quantities of whey constitute a waste product in the manufacture of dairy products
such as cheese. From the standpoint of environmental pollution it is considered a major
problem, and disposal of untreated wastes may create environmental disasters. It is desirable
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FiG. 1.1. Production of lactic acid from whey.

to use whey to make some more useful product. Whey can be converted from being a waste
product to something more desirable that can be used for the growth of certain bacteria,
because it contains lactose, nitrogenous substances, vitamins and salts. Organisms can
utilise lactose and grow on cheese wastes; the most suitable of them are Lactobacillus
species such as Lactobacillus bulgaricus, which is the most suitable species for whey. This
organism grows rapidly, is homofermentative and thus capable of converting lactose to the
single end-product of lactic acid. Stock cultures of the organism are maintained in skimmed
milk medium. The 3-5% of inoculum is prepared and transferred to the main bioreactor,
and the culture is stored in pasteurised, skimmed milk at an incubation temperature of
43 °C. During fermentation, pH is controlled by the addition of slurry of lime to neutralise
the product to prevent any product inhibition. The accumulation of lactic acid would retard
the fermentation process because of the formation of calcium lactate. After 2 days of com-
plete incubation, the material is boiled to coagulate the protein, and then filtered. The solid
filter cake is a useful, enriched protein product, which may be used as an animal feed sup-
plement. The filtrate containing calcium lactate is then concentrated by removing water
under vacuum, followed by purification of the final product. The flow diagram for this
process is shown in Figure 1.1.

1.6 PRODUCTION OF VINEGAR

The sugars in fruits such as grapes are fermented by yeasts to produce wines. In wine-
making, lactic acid bacteria convert malic acid into lactic acid in malolactic fermentation
in fruits with high acidity. Acetobacter and Gluconobacter oxidise ethanol in wine to acetic
acid (vinegar).
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The word ‘wine’ is derived from the French term ‘vinaigre’ meaning ‘sour wine’. It is
prepared by allowing a wine to get sour under controlled conditions. The production of
vinegar involves two steps of biochemical changes:

(1) Alcoholic fermentation in fermentation of a carbohydrate.
(2) Oxidation of the alcohol to acetic acid.

There are several kinds of vinegar. The differences between them are primarily associated
with the kind of material used in the alcoholic fermentation, e.g. fruit juices, sugar and
hydrolysed starchy materials. Based on US Department of Agriculture (USDA) definitions,
there are a few types of vinegar: vinegar, cider vinegar, apple vinegar. The products are
made by the alcoholic and subsequent acetous fermentations of the apple juice. The acetic
acid content is about 5%. Yeast fermentation is used for the production of alcohol. The alco-
hol is adjusted to 10-13%, then it is exposed to acetic acid bacteria (Acetobacter species),
whereby oxygen is required for the oxidation of alcohol to acetic acid. The desired tem-
perature for Acetobacter is 15-34 °C. The reaction is:

C,H,,0, —ZLmomonas mobils_y »CH,CH,OH + 2CO, (1.6.1)
2CH,CH,OH + 20, —A«ehacerss_ 5CH,COOH + 2H,0 (1.6.2)

1.7 PRODUCTION OF AMINO ACIDS (LYSINE AND
GLUTAMIC ACID) AND INSULIN

Many microorganisms can synthesise amino acids from inorganic nitrogen compounds.
The rate and amount of some amino acids may exceed the cells’ need for protein synthesis,
where the excess amino acids are excreted into the media. Some microorganisms are capa-
ble of producing certain amino acids such as lysine, glutamic acid and tryptophan.

1.7.1 Stepwise Amino Acid Production

One of the commercial methods for production of lysine consists of a two-stage process
using two species of bacteria. The carbon sources for production of amino acids are corn,
potato starch, molasses, and whey. If starch is used, it must be hydrolysed to glucose to
achieve higher yield. Escherichia coli is grown in a medium consisting of glycerol, corn-
steep liquor and di-ammonium phosphate under aerobic conditions, with temperature and
pH controlled.

e Step 1: Formation of diaminopimelic acid (DAP) by E. coli.
e Step 2: Decarboxylation of DAP by Enterobacter aerogenes.

E. coli can easily grow on corn steep liquor with phosphate buffer for an incubation period
of 3 days. Lysine is an essential amino acid for the nutrition of humans, which is used as a
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supplementary food with bread and other foodstuffs. This amino acid is a biological product
which is also used as a food additive and cereal protein.

Many species of microorganisms, especially bacteria and fungi, are capable of produc-
ing large amounts of glutamic acid. Glutamic acid is produced by microbial metabolites of
Micrococcus, Arthrobacter, and Brevibacterium by the Krebs cycle. Monosodium gluta-
mate is known as a flavour-enhancing amino acid in food industries. The medium gener-
ally used consists of carbohydrate, peptone, inorganic salts and biotin. The concentration
of biotin has a significant influence on the yield of glutamic acid. The a-ketoglutaric acid
is an intermediate in the Krebs cycle and is the precursor of glutamic acid. The conversion
of a-ketoglutaric acid to glutamic acid is accomplished in the presence of glutamic acid
dehydrogenase, ammonia and nicotinamide adenine dinucleotide dehydrogenase (NADH,).
The living cells assimilate nitrogen by incorporating it into ketoglutaric acid, then to glu-
tamic acid and glutamine. Therefore glutamic acid is formed by the reaction between
ammonia and a-ketoglutaric acid in one of the tricarboxylic acid (TCA) cycle or Krebs
cycle intermediates.>’

1.7.2 Insulin

Insulin is one of the important pharmaceutical products produced commercially by geneti-
cally engineered bactera. Before this development, commercial insulin was isolated from
animal pancreatic tissue. Microbial insulin has been available since 1982. The human
insulin gene is introduced into a bacterium like E. coli. Two of the major advantages of
insulin production by microorganisms are that the resultant insulin is chemically identical
to human insulin, and it can be produced in unlimited quantities.

1.8 ANTIBIOTICS, PRODUCTION OF PENICILLIN

The commercial production of penicillin and other antibiotics are the most dramatic in
industrial microbiology. The annual production of bulk penicillin is about 33 thousand met-
ric tonnes with annual sales market of more than US$400 million.® The worldwide bulk
sales of the four most important groups of antibiotics, penicillins, cephalosporins, tetracy-
clines and erythromycin, are US$4.2 billion per annum.!°

The mold isolated by Alexander Fleming in early 1940s was Penicillium notatum, who
noted that this species killed his culture of Staphylococcus aureus. The production of peni-
cillin is now done by a better penicillin-producing mould species, Penicillium chryso-
genum. Development of submerged culture techniques enhanced the cultivation of the
mould in large-scale operation by using a sterile air supply.

* Streptomycin produced by Actinomycetes

* Molasses, corn steep liquor, waste product from sugar industry, and wet milling corn are
used for the production of penicillin

e Penicillium chrysogenum can produce 1000 times more penicillin than Fleming’s original
culture®
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e The major steps in the commercial production of penicillin are:
(1) Preparation of inoculum.
(2) Preparation and sterilisation of the medium.
(3) Inoculation of the medium in the fermenter.
(4) Forced aeration with sterile air during incubation.
(5) Removal of mould mycelium after fermentation.
(6) Extraction and purification of the penicillin.

1.9 PRODUCTION OF ENZYMES

Many moulds synthesise and excrete large quantities of enzymes into the surrounding
medium. Enzymes are proteins; they are denatured by heat and extracted or precipitated by
chemical solvents like ethanol and by inorganic salts like ammonium sulphate.'! Coenzymes
are also proteins combined with low molecular mass organics like vitamin B. It is industri-
ally applicable and economically feasible to produce, concentrate, extract and purify enzymes
from cultures of moulds such as Aspergillus, Penicillium, Mucor and Rhizopus. Mould
enzymes such as amylase, invertase, protease, and pectinase are useful in the processing or
refining of a variety of materials. Amylases hydrolyse starch to dextrin and sugars. They are
used in preparing sizes and adhesives, desizing textile, clarifying fruit juices, manufacturing
pharmaceuticals and other purposes. Invertase hydrolyses sucrose to form glucose and fruc-
tose (invert sugar). It is widely used in candy making and the production of non-crystallizable
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syrup from sucrose, which is partly hydrolysed by this enzyme. The proteolytic enzymes such
as protease are used for bating in leather processing to obtain fine texture. Protease is also
used in the manufacture of liquid glue, degumming of silks and clarification of beer protein.
It is used in laundry detergents and as an adjunct with soaps. Pectinase is used in the clarifi-
cation of fruit juice and to hydrolyse pectins in the retting of flax for the manufacture of linen.
Apoenzyme is the protein portion of the enzyme, which is inactive. The reaction between low
molecular mass coenzymes and apoenzyme gives active holoenzyme:

Apoenzyme + coenzyme — holoenzyme (active) (1.9.1)

1.10 PRODUCTION OF BAKER'’S YEAST

The use of yeast as a leavening agent in baking dates back to the early histories of the
Egyptians, Greeks and Romans. In those days, leavened bread was made by mixing some
leftover dough from the previous batch of bread with fresh dough. In modern baking, pure
cultures of selected strains of Saccharomyces cerevisiae are mixed with the bread dough
to bring about desired changes in the texture and flavour of the bread. Characteristics of
S. cerevisiae strains are selected for commercial production of baker’s yeast. It has the abil-
ity to ferment sugar in the dough vigorously and rapidly. The selected strains must be stable
and produce carbon dioxide, which results from the fermentation process for leavening or ris-
ing the dough. The quality of the bread depends on the selected strain of yeast, the incubation
period and the choice of raw materials. Sugars in the bread dough are fermented by yeast
to ethanol and CO,; whereby the CO, causes the bread to rise.

In the manufacture of baker’s yeast, the stock strain is inoculated into a medium that
containing molasses and corn steep liquor. The pH of the medium is adjusted to be slightly
acidic at pH 4-5. The acidic pH may retard the bacterial growth. The inoculated medium
is aerated during the incubation period. At the end, the cells are harvested by centrifuging
out the fermentation broth, and they are recovered by filter press. A small amount of veg-
etable oil is added to act as plasticiser, and then the cell mass is moulded into blocks.
The process is shown in Figure 1.2.

A full set of bioreactors with pH and temperature controllers are shown in Figure 1.3.
The complete set of a 25 litre fermenter with all the accessory controlling units creates
a good opportunity to control suitable production of biochemical products with variation
of process parameters. Pumping fresh nutrients and operating in batch, fed batch and
continuous mode are easy and suitable for producing fine chemicals, amino acids, and even
antibiotics.
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CHAPTER 2

Dissolved Oxygen Measurement and Mixing

2.1 INTRODUCTION

In biochemical engineering processes, measurement of dissolved oxygen (DO) is essential.
The production of SCP may reach a steady-state condition by keeping the DO level con-
stant, while the viable protein is continuously harvested. The concentration of protein is
proportional to oxygen uptake rate. Control of DO would lead us to achieve steady SCP
production. Variation of DO may affect retention time and other process variables such as
substrate and product concentrations, retention time, dilution rate and aeration rate. Microbial
activities are monitored by the oxygen uptake rate from the supplied air or oxygen.

Microbial cells in the aerobic condition take up oxygen from the gas and then liquid
phases. The rate of oxygen transfer from the gas phase to liquid phase is important. At high
cell densities, the cell growth is limited by the availability of oxygen in the medium. The
growth of aerobic bacteria in the fermenter is then controlled by the availability of oxygen,
substrate, energy sources and enzymes. Air has to be supplied for aerobic process in order
to enhance the cell growth. Oxygen limitation may cause a reduction in the growth rate. The
supplied oxygen from the gas phase has to penetrate into the microorganism. Several steps
are required in order to let such a phenomenon take place. The oxygen first must travel
through the gas—liquid interface, then the bulk of liquid and finally into the microbial cell.

The solubility of air in water at 10 °C and under atmospheric conditions is 11.5 ppm; as
the temperature is increased to 30 °C, the solubility of air drops to 8 ppm. The solubility of
air decreases to 7 ppm at 40 °C. Availability of oxygen in the fermentation broth is higher
than the air, if pure oxygen is used. The solubility of pure oxygen in water at 10 °C and
1 atm pressure is 55 ppm. As the temperature increases to 30 °C, the solubility of pure oxy-
gen drops to 38.5 ppm. The solubility of pure oxygen decreased to 33.7 ppm at 40 °C. The
above data show that in case of high oxygen demand for SCP production, oxygen drasti-
cally depletes in 12-24 hours of incubation. Therefore pure oxygen is commonly used to
enhance oxygen availability in the fermentation media.

2.2 MEASUREMENT OF DISSOLVED OXYGEN CONCENTRATIONS

The concentration of dissolved oxygen in a fermenter is normally measured with a dissolved
oxygen electrode, known as a DO probe. There are two types in common use: galvanic

14
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electrodes and polarographic electrodes. In both probes, there are membranes that are per-
meable to oxygen. Oxygen diffuses through the membrane and reaches to cathode, where
it reacts to produce a current between anode and cathode proportional to the oxygen partial
pressure in the fermentation broth. The electrolyte solutions in the electrode take part in the
reactions and must be located in the bulk of liquid medium.

There several DO probes available. Some well-known branded fermenters, like New
Brunswick, Bioflo series and the B. Braun Biotstat B fermenters are equipped with a DO
meter. This unit has a 2 litre fermentation vessel equipped with DO meter and pH probe,
antifoam sensor and level controllers for harvesting culture. The concentration of DO in the
media is a function of temperature. The higher operating temperature would decrease the
level of DO. A micro-sparger is used to provide sufficient small air bubbles. The air bub-
bles are stabilized in the media and the liquid phase is saturated with air. The availability
of oxygen is major parameter to be considered in effective microbial cell growth rate.

2.3 BATCH AND CONTINUOUS FERMENTATION FOR
PRODUCTION OF SCP

The fermentation vessel is a jacketed vessel with a defined working volume. The media are
made of phosphate buffer at neutral pH with 3.3 g KH,PO, and 0.3 g Na,HPO,, 1 g yeast
extract and 30 g glucose in 1 litre of distilled water. The media should be sterilised in a 20
litres carboy. The fermentation vessel with a working volume of 2 litres may have 500 ml
media initially sterilised by stream under 15 psig and 121 °C. The seed culture is transferred
to the fermentation vessel with filtered and pressurized air; the production of SCP is mon-
itored by pumping fresh nutrients and supplying air. Continuous culture with constant vol-
ume and controlled dilution rate is conducted in SCP production, as fresh and sterilised
media are pumped into the culture vessel. It is desirable to control pH, temperature and aera-
tion with a constant air flow rate. The most common continuous culture system is the
chemostat. The word chemostat refers to the constant chemical environment at steady-state
condition.! Another continuous culture vessel is the turbidostat, where the cell concentra-
tion in the culture vessel is kept constant by monitoring cell optical density. The chemostat
experiment is carried out for 24 hours at a constant temperature of 32 °C, and by control-
ling pH and monitoring DO concentration. The medium consists of an excess amount of
nutrients which is required to synthesise the desired concentration of SCP. The growth-
limiting nutrient controls the steady-state SCP production rate. The data for optical density,
DO level, cell dry weight and measurements of protein and carbohydrates are carried out
at 8, 12, 16 and 24 hours in batch mode. The continuous operation is extended for another
24 hours to monitor all parameters and measure SCP. The results should be compared with
batch-wise production. The expected results for reduction of sugar in real experiments are
similar, as shown in Figure 2.1. The data plotted in Figure 2.1 were obtained by aeration of
pharmaceutical wastewater. A well-known reagent for determination of carbohydrates dini-
trosalicylic acid (DNS), was used to reduce the organic chemicals in the above wastewater
for the course of 3 days incubation.?3 The method of measurement will be discussed in the
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FIG. 2.1. Reduction of carbohydrate in an aeration tank at various air flow rates.

following sections. If the above experiments are conducted, they may lead us to a new set
of data that are totally different from Figure 2.1, and only the reduction trend would be
about the same. SCP production has to be determined by experimentation, and research is
needed to obtain the data. Maximum carbohydrate reduction took place after 24 hours of
aeration. Since the carbon source was initially quite low, the rate of biomass production was
not appreciable.

Figure 2.2 shows the cell density and DO level in a pilot-scale aeration vessel. The role
of dissolved oxygen in the treatment system is absolutely vital. Therefore the DO level
must be maintained at not less than 3—4 ppm in the wastewater for effective aeration. SCP
production is very oxygen-dependent. The results would be very satisfactory if pure
oxygen is used.

2.3.1 Analytical Methods for Measuring Protein Content of
Baker’s Yeast (SCP)

Protein concentration can be determined using a method introduced by Bradford,* which
utilises Pierce reagent 23200 (Piece Chemical Company, Rockford, IL, USA) in combina-
tion with an acidic Coomassie Brilliant Blue G-250 solution to absorb at 595 nm when the
reagent binds to the protein. A 20 mg/l bovine serum albumin (Piece Chemical Company,
Rockford, IL, USA) solution will be used to prepare a standard calibration curve for deter-
mination of protein concentration. The sample for analysis of SCP is initially homogenised
or vibrated in a sonic system to break down the cell walls.
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FiG. 2.2. COD, cell dry weight (CDW), carbohydrate and dissolved oxygen concentrations in a 15 litres
aeration tank at an air flow rate of 5 litres/min.

2.3.2 Seed Culture

How do we start the real experiment? A 100 ml seed culture is prepared in advance. A 100 ml
media consists of 0.1g yeast extract and 1g glucose with 0.33g KH,PO, and 0.03g
Na,HPO,. It is sterilised, then the microorganism, Saccharomyces cerevisiae (ATCC 24860),
on a YM slant tube used as stock culture is transferred to the sterile cooled media.’ The inoc-
ulated media is incubated and harvested after 24 hours. The first stage of the work is the batch
experiment, which is then changed to a continuous experimental run with glucose as carbon
source and the microorganism, S. cerevisiae, as an organism sensitive to aeration. The last
stage demonstrates how agitation plays an important role in the mass transfer process.

24 BATCH EXPERIMENT FOR PRODUCTION OF
BAKER’S YEAST

The fermentation vessel is a jacketed vessel with working volume of 2 litres. The media is
made of phosphate buffer at neutral pH with 3.3 g KH,PO, and 0.3 g Na,HPO,, 1 g yeast
extract and 50 g glucose in 1 litre of distilled water. The media should be sterilised in a
20 litre carboy. The fermentation vessel with 500 ml media is initially sterilised under
15 psig steam at 121 °C for 20 min.® The seed culture is transferred to the fermentation ves-
sel and feed is gradually pumped in at a flow rate of 350 mlh~'. The filtered pure oxygen
or pressurised air is continuously supplied. The production of baker’s yeast should be mon-
itored for 48 hours by batch experiment at a constant temperature of 32 °C, controlling pH
and monitoring DO level. Sufficient air is blown at a flow rate of 2000 mImin~"' (1 vvm).”
Data collection for optical density, DO level, cell dry weight, protein and carbohydrates is
done at 6, 12, 18, 24, 36 and 48 hours in batch mode as projected in Table 2.1.
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TABLE 2.1. Batch production of baker’s yeast with air flow rate of 1 vvm and
an agitation speed of 350 rpm

Time, DO, Optical density, Cell dry Protein Sugar Yield, Yy
hours mg/l absorbance, weight, concentration, concentration,
A$20.0m mg/ml g/l g/l
0 7.9 0.00 0.00 0.00 32.0 -
6 5.6 0.28 0.14 0.83 30.0 0.42
12 4.1 0.50 0.29 4.75 21.0 0.43
18 2.4 1.55 1.10 8.90 13.0 0.47
24 1.5 2.00 1.45 11.15 5.0 0.41
36 1.1 4.20 2.00 11.95 1.7 0.40
48 0.2 4.45 2.65 12.35 0.5 0.39

TABLE 2.2. Effect of aeration rate on baker’s yeast production

Air flow DO, Optical density, Cell dry Protein Sugar

rate, mg/1 absorbance, Asy ., weight, concentration, concentration,
ml/min mg/ml mg/1 g/l

50 2 0.2 0.26 1300 16.8

100 4 0.45 0.59 1450 14.5

200 6 0.69 1.24 2500 13.9

500 7.7 1/10 diluted 0.72 3.95 3000 12.5

1000 8 1/10 diluted 0.74 4.63 3100 9.8

1500 8 1/10 diluted 0.77 4.68 3350 8.6

2000 8 1/10 diluted 0.79 4.75 4800 6.7

2.5 OXYGEN TRANSFER RATE (OTR)

Once batch mode studies are completed and the required data are collected, without dis-
mantling the bioreactor, liquid media is prepared with 33 ¢ KH,PO, and 3 g Na,HPO,, 10 g
yeast extract and 500 g glucose in 10 litres of distilled water. The liquid media can be steri-
lised in an autoclave at 121 °C, 15 psig for 20 min. The liquid media is cooled down to room
temperature with air flow rate of 100 mlmin~!. The fluid residence time of 10 hours is
expected to give maximum cell optical density. Otherwise, the effect of media flow rate has
to be carried out separately. This is the basic assumption made in this experiment. The aim
of this set of experiments is to determine a suitable air flow rate with variation from 0.025
to 1 vvm. Table 2.2 shows the data collected in a continuous mode of operation for 3.5 days
using isolated strains from the waste stream of a food processing plant. The time intervals
for sampling are 12 hours. The steady-state condition of the system may be reached at
about 10 hours. If any samples are taken at shorter time intervals, steady-state condition did
not reach then overlapping in the experimental condition may occurs.
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2.6 RESPIRATION QUOTIENT (RQ)

Measurements of inlet and outlet gas compositions of a culture vessel have been considered
as an indicator for cell activities in the fermentation broth. The continuous monitoring of
gas analysis would lead us to understand the oxygen consumption rate and carbon dioxide
production, which originate from catabolism of carbon sources. Respiration is a sequence
of biochemical reactions resulting in electrons from substances that are then transferred to
an exogenous electron accepting terminal. Respiration in a cell is an energy-delivery process
in which electrons are generated from oxidation of substrate and transferred through a series
of oxidation-reduction reactions to electron acceptor terminals. In biosynthesis, the end
products result from a respiration process. Since oxidation of carbonaceous substrate ends
with carbon dioxide and water molecules, the molar ratio of carbon dioxide generated from
oxidation—reduction to oxygen supplied is known as the respiration quotient:

dCeo /dr dCqq,

RO = =
? dCo, /dr  dC,,

(2.6.1)

There are several methods to monitor the off-gas analysis. Online gas chromatography is
commonly used. The daily operation for inlet and outlet gases is balanced to project growth
in the bioprocess. High operating cost is the disadvantage of the online system.

For an online bioreactor a few important process variables should be monitored contin-
uously. The off-gas analysis provides the most reliable information for growth activities.
Measurement of oxygen and carbon dioxide in the off-gas is a fairly standard procedure
used for a pilot-scale bioreactor. Knowing air flow rate and exit gas compositions or
having a simple material balance can quantify oxygen uptake rate (OUR) and carbon diox-
ide production rate (CPR), which would lead us to a value for RQ. The three indicators
for growth can be correlated and give cell growth rate. From RQ the metabolic activity
of the bioprocess and the success of a healthy operation can be predicted. The off-gas
analysis will show the specific CO, production rate, which is used to calculate oxygen
consumption rate.

2.7 AGITATION RATE STUDIES

In the following experiment we shall assume that the optimum air flow rate of 0.5 vvm is
desired. This means for an aeration vessel with a 2 litre working volume, the experiment
requires 1000ml air per minute. The rest of process parameters and media conditions
remain unchanged. Another 10 litres of fresh aseptic media must be prepared. The operation
is continued for 3.5 days at an agitation speed from 100 to 700 rpm; samples are drawn
at intervals of 12 hours. Table 2.3 shows the effect of agitation rate on cell dry weight and
protein production using a starchy wastewater stream. The active strain was isolated from
a food-processing plant.
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TABLE 2.3. Effect of agitation rate on baker’s yeast production

Agitation DO, Optical density, Cell dry Protein Sugar
rate, rpm mg/l absorbance, A5y, weight, concentration, concentration,
mg/ml mg/1 g/l

100 2 1/10 diluted 0.22 0.29 1250 15.5

200 3 1/10 diluted 0.36 0.46 1360 14.7

300 5 1/10 diluted 0.45 0.59 1450 13.6

400 6 1/10 diluted 0.65 0.85 1850 12.1

500 8 1/10 diluted 0.79 1.12 2150 11.5

600 8 1/10 diluted 0.82 1.16 2250 10.8

700 8 1/10 diluted 0.83 1.19 2300 8.4

Example 2.1: Calculate Cell Density in an Aerobic Culture

A strain of Azotobacter vinelandii was cultured in a 15 m? stirred fermenter for the produc-
tion of alginate. Under current conditions the mass transfer coefficient, k;a, is 0.18s7!.
Oxygen solubility in the fermentation broth is approximately 8 X 1073 kgm™3.° The spe-
cific oxygen uptake rate is 12.5mmol g~! h™!'. What is the maximum cell density in the
broth? If copper sulphate is accidentally added to the fermentation broth, which may reduce
the oxygen uptake rate to 3mmol g~ 'h™! and inhibit the microbial cell growth, what would
be the maximum cell density in this condition?
The oxygen uptake rate (OUR) is defined as:'°

OUR = (go,)(x) =k a(Cy —Cyy) (E.2.1)

Solution

We make an assumption based on the fact that all of the dissolved oxygen in the fermenta-
tion broth is used or taken by microorganisms. In this case the DO goes to zero. The value
for C,; can be zero since it is not given in the problem statement. Also the cell density
has to be maximised. Therefore the above assumption is valid. In the above equation x
represented the cell density, that is:

 _kaCy (E.2.2)
9o,

Substituting values into (E.2.2), the maximum biomass production is calculated as follows:

L (0.18 s ")(8x107* kg/m?)
% (12.5 mmol/g — h)(1 h/3600 s)(1 mol/1000 mmol)(32 g/1 mol)(1 kg/1000 g)

=12960 g/m’ or 2.96 g1°"
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Let us assume the solubility of oxygen does not affect on C,; or k; a, the factor affected on
the oxygen uptake rate that is 12.5/3 = 4.167, then x,, is:

Xy = (12.96)(4.167) = 54 1!

To achieve the calculated cell densities, other conditions must be favourable, such as
substrate concentration and sufficient time.

2.8 NOMENCLATURE

Cur Equilibrium concentration of A at the liquid phase, mmol/g
CuL Concentration of A at liquid phase, mmol/g

CPR  Carbon dioxide production rate, mmol/g-s

ki a Mass transfer coefficient at liquid phase, s™!

OUR  Oxygen uptake rate, mmol/g-s

RQ Respiration quotient, mmol CO,/mmol O,

X Biomass concentration, mg/l

X The maximum biomass production, s~

do, Specific oxygen uptake rate, s™!
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CHAPTER 3

Gas and Liquid System (Aeration and Agitation)

3.1 INTRODUCTION

In the biochemical engineering profession, there are various bioprocesses actively involved
in the synthesis and production of biological products. Understanding of all the processes
may require basic knowledge of biology, biochemistry, biotechnology, and real knowledge
of engineering processes. Transfer of oxygen is a major concern in many bioprocesses that
require air for microbial growth such as single cell protein and production of antibiotics.
Agitation in a fermentation unit is directly related to oxygen transported from the gas phase
to liquid phase followed by oxygen uptake by the individual microbial cell. The activities
of microorganisms are monitored by the utilisation of oxygen from the supplied air and
the respiration quotient. The primary and secondary metabolites in a bioprocess can be
estimated based on projected pathways for production of intracellular and extracellular
by-products. In the previous chapter, dissolved oxygen was discussed; in this chapter,
mechanisms of oxygen transport are focused on. The details of process operation are also
discussed in this chapter.

3.2 AERATION AND AGITATION

Aeration and agitation are implemented in most fermentation processes. The word ‘aerobe’
refers to the kind of microorganism that needs molecular oxygen for growth and metabo-
lism. ‘Aerobic’ is the condition of living organisms surviving only in the presence of molec-
ular oxygen. Aerobic bacteria require oxygen for growth and can be incubated to be grown
in atmospheric air. Oxygen is a strong oxidising agent which has the ability to accept elec-
trons for yielding energy, a process known as respiration. A bioreactor is a reaction vessel
in which an organism is cultivated in a controlled manner to produce cell bodies and/or
product. Initially the term ‘fermenter’ was used to describe these vessels, but in strict terms,
fermentation is an anaerobic process whereas the major proportion of fermenters use aero-
bic processes. Thus, in general terms, ‘bioreactor’ means a vessel in which organisms are
grown under aerobic or anaerobic conditions. If a bioreactor or a reaction vessel operates
under aerating conditions, the system is called an aerobic bioreactor. Sterile air is supplied

22
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as a source of intake for respiration of microorganisms. The oxygen is dissolved in the lig-
uid phase. The microorganisms consume the oxygen that is dissolved in the liquid media.

Growth of the aerobic bacteria in the fermenter is controlled by the availability of sub-
strate, energy and enzymes. Microbial cultures are always known as heterogeneous sys-
tems, as cells are solid and nutrients are in the liquid phase. If the process is aerobic, air has
to be supplied to enhance cell growth, otherwise the limited dissolved oxygen is used up
and then oxygen limitation may cause a decrease in the growth rate. The rate of reaction
depends on substrate concentration and product presence. High concentrations of substrate
and product may cause growth inhibition, as the microorganisms are intoxicated at high
levels of substrate or product; such phenomena may easily happen in batch culture. The aer-
obic activity depends upon the local bulk oxygen concentration, the oxygen diffusion coef-
ficient and the respiration rate of microbes in the aerobic region. The transfer of oxygen
from the gas to the microorganism takes place in several steps. The oxygen must first travel
through the gas-liquid interface, then the bulk of liquid and finally into the microbial cell.!

3.3 EFFECT OF AGITATION ON DISSOLVED OXYGEN

Aerobic bacteria are easily grown at a small scale in tubes and flasks by incubating the
media under normal atmospheric conditions. In large-scale operations, the media has to be
exposed to air, and sufficient air must be present for respiration of all living microorganisms.
The indication of availability of oxygen in the liquid phase is to measure the amount of dis-
solved oxygen. DO probes are available on the market, and most fermenters are equipped with
a DO meter. For aerobic fermentation, the bioreactor must be equipped with a DO meter. The
level of DO in the media is a function of temperature. Higher operating temperatures decrease
the level of DO. To have sufficient oxygen, an air sparger is required to purge compressed air
or pressured air to be bubbled into the media. The availability of oxygen is a major parame-
ter to be considered for effective microbial cell growth rate.

3.4 AIR SPARGER

Air under pressure is supplied through a tube end consists of an ‘O’ ring with very fine
holes or orifices. The size of bubbles depends on the size of hole and type of sparger. For
very fine bubbles with effective gas dispersion, a micro-sparger is used in the fermenter.
A micro-sparger is in fact a highly porous ceramic material and is used instead of a gas
sparger. The size of bubbles affects the mass transfer process. Smaller bubble size provides
more surface area for gas exposure, so a better oxygen transfer rate is obtained. The size of
gas bubbles and their dispersion throughout the tank are critical to bioreactor performance.
Although a sparging ring will initially provide smaller size and better gas distribution with
sufficient agitation, micro-spargers are often used because the porous media provides an
extensive number of fine and uniform bubbles. They are also resistant to plugging of
biomass on the outer surface of the sparger. Gas dispersion is not mainly related to the
sparger, but rather it is dependent on the type of impeller used for agitation. Agitation
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creates uniformity of gas bubbles in the entire media by placing the agitator in the appro-
priate position. A few sets of impellers are used to ensure the even distribution of the gas in
the fermentation broth. Very high agitation may cause high shear forces, which may dam-
age the cell wall and cause cell rupture. If the propagating cells such as animal cells and
plant tissue cultures are shear-sensitive, special configurations of impellers are required.
A wide variety of impellers are available; other shapes of impellers related to mixing and
agitation of bioreactors are discussed in the literature.? In this book, the term ‘bioreactor’
will be used because of its global applications.

3.5 OXYGEN TRANSFER RATE IN A FERMENTER

The molar flux of oxygen is generalised in a simple equation, with the concentration gra-
dient as the major driving force in the transfer of oxygen from gas and liquid interface to
the bulk of liquid. The rate of oxygen transfer in a fermenter broth is influenced by several
physical and chemical parameters that change either k;, or the value of interfacial area of
bubbles (a) or the concentration gradient known as the driving force for the mass transfer.
At low concentrations of the soluble gas, the molar flux of oxygen transported to the
fermentation media is:3

N,=ka(C, —C,) (3.5.1)

where N, is the oxygen flux in kmolm~2 s7!, k; is the liquid side mass transfer coefficient
inms~!, C,,” is the oxygen concentration in equilibrium with the liquid phase at the inter-
face in kmol/m?, C,; is the oxygen concentration in the bulk of liquid in kmol m~3, and a
is the interfacial area in surface area of bubbles per unit volume of broth (m? m~?). The dis-
solved oxygen can be measured at one or several points in the vessel, depending on vessel
size, using a dissolved oxygen probe. In the large bioreactor, the partial pressure of oxygen

in the gas will fall as it passes through the fermentation broth.

P _ Pin_Pout 352
log mean — ln(Pin/Pout) ( e )

The equilibrium concentration is evaluated from Henry’s law.>* The equilibrium con-
centration of oxygen is calculated by the ratio of mean value of pressure over Henry’s law
constant, H.

* Plog mean
C = 7 (3.5.3)

This is the most accurate method of measuring the mass transfer coefficient and it can
be used in the actual fermentation system. It depends on accurate oxygen analyses and
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accurate measurement of temperature and pressure. For bubble sizes of 2-3 mm diameter
in the fermentation broth, the mass transfer coefficient is about 3 X 10™#to 4 X 10™* ms™'.

3.5.1 Mass Transfer in a Gas-Liquid System

Oxygen transfer at low concentrations is proportional to the oxygen concentration gradient
existing on the interface of the gas and liquid bulk phase.

NA:kL(C,'_CL) (3.5.1.1)

where N, is oxygen flux in kmol m~2 s™1, k, is the mass transfer coefficient in liquid side
in m/s, C;is oxygen concentration at the interface in kmol m~3, and C, is oxygen concen-
tration in the bulk of the liquid. The molar flux of oxygen in the gas phase to liquid phase
is also stated as:

N, =k,(Po, = Po, ;) (3.5.1.2)

a 8

where k, is the mass transfer coefficient at the gas side in kmol m™> atm™'s™!, R is the
oxygen partial pressure at the interface in atm, and Fy, is the oxygen partial pressure at the
bulk of gas phase in atmospheres. It is impossible to measure the interface concentration by
the molar flux with knowing the mass transfer coefficient.

N, =K, (C"—C,) (3.5.1.3)

where K| is the overall mass transfer coefficient, then, Henry’s law is

P=HC" (3.5.1.4)

1 11
LI S (3.5.1.5)
K, k  HK,

For slightly soluble gases, H is defined as a large value (4.2 X 10* bar mol™!; that is the
mole fraction of oxygen in H,0). The liquid phase controls, k, = K. For the oxygen trans-
fer rate, the interface area is important. For oxygen bubbles, the surface area of bubbles is
defined as:

m3

g surface area of bubbles [mz J (3.5.1.6)

volume
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By multiplying both sides of (3.5.1.5) with (3.5.1.6), the following equation results:

—ry =K,a(C"—C,) (3.5.1.7)

where, —r, is the consumption rate of substrate A in mol 17! s~ L.

3.6 MASS TRANSFER COEFFICIENTS FOR STIRRED TANKS

Agitation of fermentation broth creates a uniform distribution of air in the media. Once you
mix a solution, you exert an energy into the system. Increasing power input reduces the
bubble size and this in turn increases the interfacial area. Therefore the mass transfer coef-
ficient would be a function of power input per unit volume of fermentation broth, which is
also affected by the gas superficial velocity.>* The general correlation is expected to be as
follows:

P y
K,a= a(V_iJ v, ) (3.6.1)

where K, a is the volumetric mass transfer coefficient in s™'; « is proportionality factor, as
a constant; P, is the agitator power under gassing conditions in W; V, is the liquid volume
without gassing in m?; v, is the gas superficial velocity in m/s; and y and z are empirical
constants. The mass transfer coefficient for coalescing air—water dispersion is:

L

P 0.4
K,a=26x10" [V—g] ()" (3.6.2)

The above correlation is valid for a bioreactor size of less than 3000 litres and a gassed
power per unit volume of 0.5-10 kW. For non-coalescing (non-sticky) air—electrolyte dis-
persion, the exponent of the gassed power per unit volume in the correlation of mass trans-
fer coefficient changes slightly. The empirical correlation with defined coefficients may
come from the experimental data with a well-defined bioreactor with a working volume of
less than 5000 litres and a gassed power per unit volume of 0.5-10 kW. The defined corre-
lation is:

P 0.7
K,a=2x10"" (V—gj )" (3.6.3)

L

In general, coalescing systems are those where the water is relatively pure; non-coalescing
systems are those where a small amount of electrolytes is in the system. These correlations
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do not take into account either the non-Newtonian behaviour of biological fluids or the
effect of antifoam and the presence of solids. A correlation may be applied to a non-
Newtonian filamentous fermentation in the form:?

)2 0.33
K,a= a[v—g] (v ) (3.6.4)

L

Comparing this with the equation for Newtonian fluids shows that the oxygen transfer coef-
ficient for non-Newtonian fluids is less sensitive to power input changes. Thus, more power
input is required to reach the same mass transfer coefficient value than in a Newtonian fluid.

The addition of antifoam has a significant effect on the value of the mass transfer coef-
ficient. The antifoam reduces the interfacial free energy at the interface between air and
water. Therefore the surface tension and the bubble size are reduced, leading to higher val-
ues of interfacial area per unit volume (a). However, k;, may decrease owing to liquid move-
ment near the interface. This means that the mobility of the liquid could decrease at the
interface, and a film of liquid generates a resistance between the liquid and gas systems.
Figure 3.1 shows the linear dependency of the mass transfer coefficient with the air flow
rate, as volume of air per volume of liquid media per minute. It is customary for fermenta-
tion to be shown in vvm (117! min™!) for 10, 100 and 1000 litres fermenters. A higher mass
transfer coefficient can be obtained as the air flow rate is increased.

20
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FiG. 3.1. Effect of air flow rate on oxygen transfer coefficients, K, a.
(1. 171 min~! = liters of air per liter of liquid per min)
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3.7 GAS HOLD-UP

Most laboratory fermenters operate with a stirrer power between 10 and 20 kW/m?3, whereas
large bioreactors operate at 0.5-5 kW/m?. Virtually all large-scale operations and commercial-
size continuous stirred tank reactors (CSTRs) operate mostly in a free bubble-rise regime.
The most important property of air bubbles in the fermenters is their size. If the gas is dis-
persed into many small bubbles rather than a few large ones, more interfacial area per unit
volume results. Small bubbles have a slow rising velocity. Consequently, they stay longer
in contact with the liquid, which allows more time for oxygen to dissolve. The fraction of
the fluid volume occupied by gas is called gas hold-up: that is, the volume fraction of gas
phase to total gas—liquid volume. Small bubbles lead to higher gas hold-up, which is defined
by the following equation:*?

vV, +V

(3.7.1)

&

where ¢ is the gas hold-up, V,; is the volume of gas bubbles in the reactor in m? and V, is
the volume of liquid in the fermenter in m®. The bubble surface area is defined as

a=— (3.7.2)
where d is the bubble diameter.

3.8 AGITATED SYSTEM AND MIXING PHENOMENA

Mixing is a physical operation which creates uniformities in fluids and eliminates any con-
centration and temperature gradients. If a system is perfectly mixed, there is homogeneous
distribution of system properties. Mixing is one of the most important operations in bio-
processing. Efficient liquid mixing is essential in a bioreactor to maintain not only a uni-
form dissolved oxygen concentration, but also a uniform liquid concentration. To create an
optimal environment in the bioreactor, agitation is required for cells to have access to all
the substrates including oxygen in aerobic culture. Another aspect of an agitated system is
uniform heat transfer. Most bioreactors must be able to operate at a constant uniform tem-
perature. A jacketed system for cooling, or a cooling coil, is provided for sufficient heat
transfer. The objectives of agitation and effective mixing are to circulate the fluid for suffi-
cient time, to disperse the gas bubbles in the liquid, to have small bubbles with high inter-
facial area, and to maintain uniform conditions for mass and heat transfer operations.

3.9 CHARACTERISATION OF AGITATION

The following treatment of agitation is restricted to fluids that approximate to Newtonian
fluids. As mixing is a complex process, the variables involved are considered together in a



GAS AND LIQUID SYSTEM (AERATION AND AGITATION) 29

dimensionless group known as the Reynolds number (Re). Re is used to characterise the
behaviour of flow:

_ D!Np _ inertia forces

Re (3.9.1)

o viscous forces

where D; is the impeller diameter in m, N is the rotational speed of impellers in round per sec-
ond (rps), p is the fluid density in kg/m?, and w is the viscosity of the fluid in kg m~! s
Fully turbulent flow exists above a Reynolds number of 10%, whereas fully laminar flow
exists below 100; in between is the transitional region. Another group of dimensionless
variables that are used to characterise mixing in a vessel is the Froude number (Fr), which
takes gravitational forces into account:

Fr— N’D, _ iner‘fia forces (3.9.2)
g gravity forces

where g is gravitational acceleration in m/s?. A third group, which is related to energy
required by the agitator, is the power number. This shows the power consumption for stir-
ring. The power consumption is related to fluid properties, the density and viscosity of the
fluid, the stirrer rotation rate and the impeller diameter. Several well-known studies have
shown the relation between power number and Reynolds number; the laminar region is a
straight line but it depends on the shape of the impellers.>*> Marine propellers require less
energy compared with flat blade turbine disks. The power in the turbulent region is pro-
portional to N ’DJ; therefore the power number is the ratio of power for the aerated fluid
and the non-aerated powered system, which is:

P

__r (3.9.3)
N*D]p

NPo

where Np, is agitator power in W. The power number for laminar flow is proportional to the
inverse of the Reynolds number, Np, = k,/Re;; for turbulent flow the agitation power is pro-
portional to K,N*D?p, where units for agitation power are in W, kW or hp.

3.10 TYPES OF AGITATOR
There are four types of agitator commonly used in the bioreactors:

e Turbine disk (Rushton)
 Turbine inclined blades
 Propeller, marine type
* Intermig
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These types of agitator are used in low-viscosity systems (u <50 kg m~! s~!) with high
rotational speed. The typical tip speed velocity for turbine and intermig is in the region of
3ms~! a propeller rotates faster. These impellers are classified as remote clearance type,
having diameters in the range 25-67% of the tank diameter.

The most common type of agitator is turbine. It consists of several short blades mounted
on a central shaft. The diameter of a turbine is normally 35-45% of the tank diameter.
There are four to six blades for perfect mixing. Turbines with flat blades give radial flow.
This is good for gas dispersion in the media, where the gas is introduced just below the
impeller, is drawn up to the blades and broken up into uniform fine bubbles.

The propeller agitator with three blades rotates at relatively high speeds of 60-300 rps;
high efficient mixing is obtained. The generated flow pattern is axial flow since the fluid
moves axially down to the centre and up the side of the tank.

The intermig agitator is the most recently developed agitator. This is an axial pumping
impeller in which the blades are mounted with an angle opposite each other. Comparing a
disk turbine agitator with an intermig agitator, this type results in a more uniform energy
transfer to the fluid in the vessel. Therefore this type of agitator requires less power and less
air input to obtain the same degree of mixing and the same mass transfer coefficient.

3.11 GAS-LIQUID PHASE MASS TRANSFER

There is always a limit to the liquid phase oxygen transfer for high cell density because
mass transfer is limited. Actual cases are:

e In a large-scale fermenter for penicillin production; or
* In extracellular biopolymers such as xantham gum;
* In wastewater treatment with an activated sludge system

Gas and liquid systems are explained by solubility. The solubility of oxygen at room tem-
perature is about 10 ppm; therefore the concentration of oxygen is 10 ppm (oxygen flux,
N,). The solubility of oxygen at 0 °C is double that at 35 °C. Also, the solubility decreases
if the electrolyte concentration is increased. The concentrations of oxygen in the gas phase
and liquid phase are related to each other by the Raoult—Dalton equilibrium law.

Py, = yuPy = x4, H, (3.11.1)

The above relation is rewritten in terms of concentration:

HC, =C,, (3.11.2)

8l

Based on film theory, the oxygen flux in the gas film is equal to flux in the liquid film:

Ny=K,(C,—C,))=K,(C; = C)) 3.11.3)
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where C;; is oxygen concentration at interface. Let us define C; oxygen concentration at equi-
librium with the liquid phase. Henry’s law in terms of oxygen concentration at equilibrium is

HC/ =C (3.11.4)

8
The molar flux in terms of equilibrium concentration is:

N,=K,(C/—=C) (3.11.5)

where K] is the overall mass transfer coefficient. If we simplify all the resistances in liquid
and gas phases, then the resistances in series are written as:

K, k Hk o

8

If k, is larger than k,, then the resistance to mass transfer lies on the liquid film side.
Oxygen absorption rate is:

Qo,= (ﬂux)(

interfacial area
volume

" A
Qo,= Kk (C,— Cl)(VJ (3.11.7)
The interfacial area per unit volume and a’ = A/V is incorporated into (3.11.7):
Qo, = k,a'(C;—C)) (3.11.8)

The minimum oxygen utilisation rate is xp,,/Yo,. If the system is mass-transfer limited,
C, approaches zero. Then the amount of oxygen absorbed is exactly equal to the amount of
oxygen consumed. Equation (3.11.8) leads to the following:

ka'(Cj—C)=E (3.11.9)
Yo,

Using the Monod rate for the specific growth rate in (3.11.9), it is reduced to following
equation:

c
ka'(C]—C)) = ——| Lmat (3.11.10)
Yo, | Ko, +C,
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Rearranging (3.11.10) yields the following equation:

C
Yo, k' (C/ = C)) = Xptpyy (ﬁ] (3.11.11)
0, 1

if C; < C}, then the concentration profile for oxygen in the liquid phase is:

o Yo Ko ka'lxpu,,
c, =cj| e R (3.11.12)
1- Y02 Cl kla /xl*Lmax

Example 1.1 Effect of Carbon Source in Penicillin Production

The carbon source affects oxygen demand. In penicillin production, oxygen demand for
glucose is 4.9 mol 17! h™!. The lactose concentration is 6.7 mol 17! h™!, sucrose is 13.4 mol
17" 'h™". The yield of oxygen per mole of carbon source for CH, is Y, = 1.34, Y,  for
Paraffins = 1, and Y,  for hydrocarbon (CH,0),, = 0.4. The mass transfer coefficient ka is
for gas—liquid reactions, and the film thickness where the mass transfer takes place is 6

8Xrate |y, <k, (C/—C) (E1)

The film thickness of the mass transfer is given

§=—2 (E2)

and the reaction rate is based on elementary rate that means rate is proportional to substrate
concentration to definite exponent.

—ry =k, (C)" (E3)

Substituting the rate expression into (E1) leads to an inequality for mass transfer coefficient
in the liquid phase:

* DO
k (CT)* X —22
kl

<k, (C"—=C) (E4)
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By rearranging (E4), then solving for k;, we obtain

1

*aD E

g >| € Do, (ES)
c—-C

For C < C7, (E5) is simplified and the above inequality becomes

k> [k, (€)' Dy, ]5 (E6)
Given a value for a« = 0.5
1
k(CH*D, |2
k, > # (E7)
c-C

The mass transfer coefficient is calculated for a given diffusivity coefficient and reaction
rate constant at the equilibrium concentration of oxygen. When oxygen is continuously
transported and removed from the liquid phase we may write:

Q0,=[Fyiy X Po, = Fy o Po, ou I/VRT (ES)

g,out

where F|, is the volumetric oxygen flow rate and 1502 is the partial pressure of oxygen.

Using the ideal gas law (PV =nRT), we then solve for moles of oxygen utilised in the
bioreactor. The moles of gas transferred are calculated by the ideal gas law:

PV
n, =Ar =

RT )

<|™

3.11.1 Oxygen Transport

Molar transformation of oxygen is proportional to the concentration gradient of oxygen at
the gas—liquid interface and oxygen dissolved in the bulk liquid phase:

No, =N, =k(C;—C) (3.11.1.1)

where N, ) is oxygen flux in kmol/m? s, k; is the liquid side mass transfer coefficient in m/s,
C;is the oxygen concentration at interface in kmol m~3, and C, is the oxygen concentration
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in the bulk of liquid. The molar transformation of oxygen in the gas phase is proportional
to the pressure gradient:

No, =k, (Po,~P)) (3.11.1.2)

where k, is the gas side mass transfer coefficient in kmol m~*-s, P; is the interfacial partial
pressure of oxygen, P, is the partial pressure of oxygen in bulk gas. The resistances in
series are explained earlier (3.11.6) which are associated with Henry’s law. For the slightly
soluble gas, H is greater than 4 X 10* bar-mol !, the mass transfer coefficient for gas phase,
k,, is large, and we may neglect the resistance created by the gas film; then it would be a per-

fect assumption to state K, = k,. The interfacial surface area created by the gas bubbles is:

o= surface area of gas bubbles

. m?m~? 3.11.1.3
; v, ( ) ( )

The molar flux is given by Equation 3.5.1

Gas hold-up is defined as H, = Bubble volume/Reactor volume, which is the volume of gas
per unit volume of reactor. Assume the system is an agitated vessel. Let us use Richard’s
data to define gas hold-up:3

P 0.4
(V) (V)™ =7.63h+2.37 (3.11.1.4)

where P is power in hp, V is ungassed liquid volume in m3, V is gas superficial velocity in
m.h~! and 4 is the volume void fraction.

Example 2 Calculated Gas Hold-up

Calculate the gas hold-up for an agitated and aerated system with power input of 18 hp in
an 80 m? vessel with gas superficial velocity of 2.6 m-min~".

0.4
1
(%) @Q.6X60min/h)" =7.63H +2.37 (E1)

The gas hold-up can be defined by the above definition using the gas height per volume,
where H is 0.6 m for aeration

o Ve 06
° V,+V, 06+65

=0.085 (E2)

The calculated gas hold-up is 8.5%.
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3.11.2 Diameter of Gas Bubble Formed D,

As gas flows with fixed volumetric flow rate through an orifice gas sparger, bubbles are
formed with diameter D,,. Analysis of bubble formation is based on the balance of buoyant
force, as the bubbles leave the orifice and rise through the media (7ApgD?)/6 with rest of
the forces resulting from the surface tension, 7wod.

Buoyant force = rest of force

3
mAPDy _ o rd (G.11.2.1)
1
3
D= {@} (3.11.2.2)
glp
The interfacial area:
6
a=H|~ (3.11.2.3)
D

Bubble residence time

H; Height of liquid

I, = = - ; (3.11.2.4)
u,  Gas terminal velocity
The terminal velocity for rising bubbles is
DAp?
u =—>% (3.11.2.5)
18u
Using the following equation:
' 1(1?)(:)6 (3.11.2.6)
a=—(n — 1.2
v D
where a’ is the interfacial area per unit volume of liquid.
, nFy(u fu)X6
o =200 70 (3.11.2.7)

VD
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The oxygen utilisation balanced with growth gives:

’ * I‘LmaxC
Yo, kpa'(C —Cl)=x,u,=xKO—+(l:1 (3.11.2.8)
2

given Ky = Ko,

p=tde G (3.11.2.9)
xdi Yo, (Ko, +C))

Useful equations similar to (3.11.12) for C;, < C, are sobtained.

C, =C (3.11.2.10)

o Yo,Ko, kil xp
1=Yo, Ko, kj@'1X gy

Example 3 Calculation of Cell Density in Aerobic Culture

A strain of Azotobacter vinelandii is cultured in a 15 m? stirred fermenter for production
of alginate. Under current conditions the mass transfer coefficient, &, a, is 0.25 s~ 1. Oxygen
solubility in the fermentation broth is approximately 8.5 X 1073 kg m~>. The specific oxy-
gen uptake rate is 15 mmol-g~'-h~!. What is the maximum cell density in the broth? If cop-
per sulphate is accidentally added to the fermentation broth, which may reduce the oxygen
uptake rate to 1.5 mmol/g h and inhibit the microbial cell growth, what would be the max-
imum cell density in such a case?
The oxygen uptake rate is defined as:

OUR = (go, )(x) =k a(Cy, = Cyy) (3.11.2.11)

Solution

We assume all the dissolved oxygen in the fermentation broth is used or taken by micro-
organisms. In this case the DO is zero or the value for C,, is zero since it is not given in
the problem statement. Also the cell density has to be maximised; therefore the above
assumption is valid. In the above equation x represents cell density, which is

k aCy,,
do,

(3.11.2.12)

max

. = (0.255 ")(8.5x107* kg/m?)
™ (15 mmol/g-h)(1h/36005s)(1mol/1000 mmol)(32 g/1mol)(1 kg/1000 g)

=15937.5g/m*> =15.94 g/l
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Let us assume the solubility of oxygen does not affect on Cy; or k;a. The factor affected by
OUR is

15/1.5=10
then x,,, is:
Xmax = (1594)(10) =1594 g'171

To achieve the calculated cell densities all other conditions must be favourable, such as
substrate concentration and sufficient time.

Example 4 Oxygen Requirements for Activated Sludge in an Aerated Bioreactor

Oxygen balance for an aerated system with activated sludge is defined by a dynamic model:

dc,
1% dtz = aF(S,—S)+bV (3.11.2.13)

The substrate in this equation is represented by biological oxygen demand (BOD), where
V is the reactor volume, X is the cell density or sludge concentration, a is a constant in kg
0O, kg”! BOD, b is also a constant in kg O, kg~! MLSS, and F is the fresh feed flow rate
in m* h™!. MLSS is the mixed liquor suspended solid in mg-1~! and BOD is 0.4 kg/kg
MLSS. The constants for @ = 0.5 and b = 0.4 are given. For a flow rate of 100 m*-h~! and
initial substrate S, is 20,000 ppm in an aeration tank volume of V = 10 m?, what would be
the BOD concentration if an oxygen rate of 2 m? h™! is supplied, and what would be the
leaving substrate concentration, S?7

(3.11.2.14)

Given X =0.5 g/g BOD
Oxygen flow rate supplied in 2 m®> h™':
(1kgmole | 32kg)

OTR= (zm%)k 24m' 1MW)

2.86 kg/h

S,=0.02 kg m3
Plug in values into Equation (3.11.2.13)

2.86=0.5X 100X (0.02—S)+0.4X0.5X 10
S=0.003kg m3
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X X+AXx

F.+dV

dx
E] =Fyiax
Product

FiG. 3.2. Schematic diagram of plug flow reactor.

F1G. 3.3. Schematic diagram of plug flow bioreactor.

For a plug flow system we can define all the conditions in inlet and outlet streams as shown
in Figure 3.2.
The residence time for an ideal plug flow system is stipulated as:

t
P da (dx/dr)

x2 xAdx
- dx =j S (3.11.2.15)
0 —rA

Generally residence time is obtained by division of working volume by volumetric flow

rate.

T=— (3.11.2.16)

The differential form shows the changes occurring along the length of tubular reactor. The
plug flow bioreactor as the substrate and the product formed along the length of the tubu-
lar bioreactor is shown in Figure 3.3.

ar=3V_ & (3.11.2.17)
F dxj
dr

The concentration profiles for substrate, product and biomass in a plug flow system are
shown in Figure 3.4.
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FIiG. 3.4. Substrate, product and cell concentration versus length of plug flow bioreactor.

For CSTR the design equation is given below:

;o= Cata (3.11.2.18)

—r,
The rate model for a biological process is given by a Monod rate model

Vinax OX

= (3.11.2.19)
K, +S

T

Bioreactor with the assumption of tank diameter is equal to the height of the liquid (D, = H).
Assume steady-state condition, no cell accumulation and no death rate:

F
—(xo—x)+er=O (3.11.2.20)
\%4 %

(Flow rate) (Cell in — Cell out) + Rate of cell generation =0
Let us define w, which is known as specific growth rate

w= (3.11.2.21)

= |><‘
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Dilution rate is defined as the number of tank volume pass through per unit time, D = F/V.
The residence time is defined as the time required for one unit volume of reactor to be replaced
by the flow rate, 7 = V/v. When feed is sterile, there is no cell entering the bioreactor, which
means x, = 0, the rate may be simplified and reduced to:

D, =r, (3.11.2.22)

X

Steady-state material balance is used for cell mass.

F F
Txy = —x—x| 2. (3.11.2.23)
1% 1% X

Substituting dilution rate and specific rate into (3.11.2.23) leads to a useful relation:

Dx, = (D — u)(x) (3.11.2.24)

For the case of sterile feed, (3.11.2.24) reduces to:

D—p)=0 or D=pu (3.11.2.25)
The general balance equation is given below:
dc;
Ve - =F()[Cy —C/1+ry (3.11.2.26)

At unsteady-state conditions, the change of concentration with respect to time is detectable,
dS/dr # 0 but for steady-state conditions the leaving substrate may be constant. For a plug
flow bioreactor we can treat it like a batch system.

The cell balance is:

_dc,

=-r 3.11.2.27
4 ( )

A

The change of cell density with respect to time is given as follows:

(3.11.2.28)

g
I

= |>§
=
I
5
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Substituting the specific growth rate into (3.11.2.28) leads to the following differential
equation.

L (3.11.2.29)
dr K¢+S

when dilution rate reaches the maximum specific rate (D = u,,,.) wash out phenomena may
take place.
Balance for S:

dt Y\K;+S (3.11.2.30)
For sterile media in a chemostat,
i = HnSo. (3.11.2.31)
K +5S,

The substrate concentration is defined as

DK
§=—35— and Y= X (3.11.2.32)
/‘Lmax -D SO - S
The biomass is calculated using (3.11.2.32):
DK
X=Y(S, —S):Y(SO ——SJ (3.11.2.33)
Minax — D
Yield of biomass is defined as:
y = mass of cells formed
mass of substrate consumed
Homax S

Monod rate equation, u = , 1s used to substitute into mass balance.

s
Substituting § into X, the following equation is obtained:

s
Dxy+| £mx® _plx =0 (3.11.2.34)
K +S
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At steady state, the mass balance for S, ds _ (. results in the following equation:

dr
D(S,—S)= ( I’{’“;““j;i ]% (3.11.2.35)
The rate equation is incorporated
DS, —S) = % (3.11.2.36)

3.12 NOMENCLATURE

N, Oxygen flux, kmol m~2s~!

k, Mass transfer coefficient, m/s

C,;  Oxygen concentration in equilibrium with liquid phase at the interface, kmol/m?
C,;,  Oxygen concentration in the bulk of liquid, kmol/m?

a Interfacial area in surface area of bubbles per unit volume of broth, m%/m?
Py ; Oxygen partial pressure at the interface, atm

H Henry’s law constant, atm

Py Oxygen partial pressure at the bulk of gas phase, atm

—r, Consumption rate of substrate A, mol 17! s~!

P, Agitator power under gassing conditions, W

v, Liquid volume without gassing, m?

v, Gas superficial velocity, m/s

d Bubble diameter, mm

e Gas hold-up, m*/m?

Vs Volume of gas bubbles in the reactor, m?

VL Volume of liquid in the fermenter, m?

D, Impeller diameter, m

C, Oxygen concentration at interface, mmol-1~!

C*  Oxygen concentration at equilibrium with liquid phase, mmol-1~!
n Specific growth rate, h™!

n Growth rate, g-17!-h ™!

N Rotational speed of impellers in round per second, rps

p Fluid density, kg/m?

n Viscosity of the fluid, kg m™! s7!

Re Reynolds number, dimensionless number

Fr Froude number, dimensionless number

g Gravitational acceleration, m/s?

N,,  Agitator power, W

k Mass transfer coefficient in gas phase, h™!

o
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k, Mass transfer coefficient in liquid phase, h™!

Oxygen absorption rate, mol-1-'-h ™!

Y Yield, g-g~!

y Mole fraction in gas phase

C*  Oxygen concentration at equilibrium with liquid phase, mmol-1~!
Moa Specific growth rate, h™!

n Growth rate, g-17'-h ™!

D Dilution rate, h™!

F Flow rate, m>-h™!

X Biomass concentration, g-17!

T Retention time, min

v Volumetric flow rate, ml-min~!
o Concentration of i, mg-17!

S Substrate concentration, g-17!
S, Initial substrate concentration, g+17!
X, Conversion factor

H, Gas hold-up
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3.13 CASE STUDY: OXYGEN TRANSFER RATE MODEL IN
AN AERATED TANK FOR PHARMACEUTICAL WASTEWATER

Abstract

The treatment of pharmaceutical non-penicillin wastewater was conducted using the bio-
logical aerobic process. Oxygen transfer rate played the major role in reducing the organic
pollutants of the wastewater by removing gases, oils, volatile acids and odour. The microbe
used in the experiment was an ethanol producer, a type of fungus isolated from the waste-
water. The optical density, COD and concentration of chemicals equivalent to carbohydrate
were measured for a duration of 3—4 days aeration. Thus, the propagation of bacteria was
monitored and growth rate determined. Oxygen transfer rate and mass transfer coefficient
were affected by airflow rate, bubble size and agitation rate. Dissolved oxygen was shown
as an indicator of microbial growth and limitation of mass transfer. The dissolved oxygen
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was about 7.89 ppm from the starting point; it then dropped to 2 ppm by the end of the first
day. After the second day of aeration the oxygen depletion was obviously determined since
the DO meter showed 0.14 ppm. Aeration rate was 0.2—1.3 litres per minute for a working
volume of 3 litres and 5-10 litres per minute for a 15 litre aerated tank. Maximum optical
density was obtained with high aeration rate by the first day of aeration, 0.95 g-17'; as the
aeration was reduced the cell propagation also reduced, and the maximum cell growth was
obtained by the end of the 3-day aeration with minimum air flow rate. The maximum COD
and carbohydrate reduction was 58% and 90% respectively with 1.15 litre/min airflow rate
in the 3 litre aeration system. The bubble size affected the mass transfer coefficient (K -a).
As the surface of gas exposure to liquid increased, S,, the mass transfer coefficient,
increased. As the dissolved oxygen rate dropped, K -a also decreased. K -a for the 5 and
10 I'min~ " airflow rate for a 15 litres aerated tank was 0.06 h™! and 0.4 h™! respectively.

3.13.1 Introduction

Aerobic wastewater treatment processes remove dissolved and colloidal organic matter in
industrial wastewater. The growth and propagation of the microorganisms consume oxygen in
the liquid phase. This causes the dissolved oxygen to be depleted when the microorganisms are
in the exponential growth phase. However, the specific oxygen uptake of bacteria increases
only slightly with increasing oxygen concentration above a certain critical concentration. To
achieve the optimum oxygen transfer rate (OTR) several parameters such as airflow rate, bub-
ble size, nature of the wastewater, agitation rate, temperature, reaction rate and propagation of
the microorganisms, which influence the mass transfer rate, have to be considered.

The activated sludge process for domestic wastewater treatment was introduced to the
world in 1914.! Since then, many studies have been conducted to improve the oxygen trans-
fer efficiency. Among the aeration devices introduced have been a porous diffuser, a filter
type diffuser, a mechanical aeration device, an orifice type diffuser and a fine-pore air dif-
fuser. The aeration market is in a substantial state of flux in the USA today. Emphasis on
high efficiency has led many intensive research programmes to aim at the evaluation of the
design, operation and control processes to improve overall system performance.

The transfer of oxygen from the gas phase to the microorganism takes place in several
steps. Firstly, the oxygen must travel through the gas to the gas-liquid interface, then
through the bulk liquid, and finally into the microorganisms. Some researchers believe that
oxygen transfer occurs significantly during bubble formation when the interfacial area
exposed to the liquid is constantly renewed. On the other hand, there are other researchers
who believe that significant oxygen transfer occurs during the bubble’s ascent. However, it
is well understood that regardless of where the transfer occurs, the rate of transfer is pro-
portional to the contact time and area of contact between the liquid and the gas. It is found
that the overall gas transfer coefficient, K| -a, increases while bubble size decreases down
to a diameter of 2.2 mm; further reduction in bubble size results in a decrease of K a,
although smaller bubbles may increase oxygen transfer efficiency.’

Modelling oxygen transport in the aeration system is important as it can be used as a refer-
ence for overall process performance improvement as well as process design and simulation.
The oxygen transfer process mentioned above is based on the concentration gradient between
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the oxygen concentration in the gas phase and in the organism. The basic model for oxy-
gen transfer in a dispersed gas—liquid system is given by Equation (3.11.2.6).> For the gas
side, mass transfer can be similarly defined in terms of the gas partial pressure, explained
in (3.11.2.16).

Since it is usually impossible to measure the local and interface concentrations every-
where in a bioreactor, average values of the concentrations or dominant bulk concentrations
and overall mass transfer coefficients are used. To know the total oxygen transfer rate in a
vessel, the total surface area available for the oxygen transfer has to be determined. Thus an
overall mass transfer coefficient incorporating the surface area of the bubble is used, namely
N,=K,-a (C" = C). The K, -a value is dependent on the physicochemical properties of the
bioreactor media, the physical properties of the bioreactor and the operating conditions of
the vessel. The magnitude of K| -a can be controlled by the agitation rate and the airflow rate.
Oxygen is a substrate, which enhances microbial growth; however, above a certain concen-
tration, the microbial growth becomes independent of the oxygen concentration.

In a short time period, the dynamic model shown in Equation (3.13.1.1) at quasi-steady-
state condition, OTR to microbial cells would be equal to oxygen molar flow transfer to the
liquid phase.*

%=KL.a(C*—C)—Q02X (3.13.1.1)

At steady-state condition the oxygen concentration profile would be an exponential model:

C_—C*:e*’“'“’ (3.13.1.2)
c,—C

In reality, oxygen concentration never reaches the concentration defined in the proposed
model, since the microbial activities at optimal and maximum cell density would reach the
point where oxygen depletion takes place.’

The mass transfer, K, -a for a continuous stirred tank bioreactor can be correlated by
power input per unit volume, bubble size, which reflects the interfacial area and superficial
gas velocity.»® The general form of the correlations for evaluating K, -a is defined as a poly-
nomial equation given by (3.6.1).

The mass transfer coefficient is expected to relate gas power per unit volume and gas ter-
minal velocity. Measurement of gas bubble velocity is troublesome in the experimental
stage of aeration. Extensive research has been conducted for an explanation of the above
correlation. Gas—liquid mass transfer in low viscosity fluids in agitated vessels has been
reviewed and summarised as stated in (3.5.1.7)—(3.6.2):3

a) For coalescing air—water dispersion, when liquid is relatively pure, the mass transfer
coefficient was estimated from (3.6.2) for the defined range power per unit volume:

V, <2.6 m% 500 < P,/V, < 10000 (3.13.1.3)
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b) For non-coalescing air—electrolyte dispersion, when there is a small amount of elec-
trolyte in the system, the mass transfer coefficient may be correlated using (3.6.3), with
the following condition for liquid volume and power per unit volume:

V, <4m? 500 < P,/V, <10000 (3.13.1.3)

The above correlations may not be valid for non-Newtonian behaviour of biological fluids,
nor for the effect of antifoam or the presence of solids. A correlation proposed in the liter-
ature as stated in (3.6.4)° may be true for aerobic non-Newtonian fluid filamentous media
of fermentation broth.

The industrial wastewater used in the experiment is considered as having non-coalescing
air electrolyte dispersion. Thus the equations discussed above would be used as a theoreti-
cal model for the estimation of oxygen transfer rate in the liquid phase, and compared with
the experimental data obtained.

3.13.2 Material and Method

The non-penicillin wastewater from a pharmaceutical company was collected and used in
the batch aeration wastewater treatment experiment. The pharmaceutical wastewater had a
clear orange colour, strong odour, contained toxic chemicals and had a COD value in the
range of 3000-30,000 mg per litre. The pH of the wastewater was neutralised and moni-
tored for each experimental run, as the bacteria would have a higher rate of propagation at
neutral pH.

Two different sizes of aerated tank with working volumes of 3 and 15 litres were used.
An aeration pump model 8500, 6W, with low, medium and high rates of oxygenation was
used for the small tank. A gas flow meter, Cole Parmer 0—70 ml/min model 6G08 R4 was
used for setting the desired airflow rate. Air bubbles entered the bottom of the tank through
a gas sparger and maintained the wastewater as highly aerated. A stirrer Cafamo digital
model RZR2000 in the range of 100-600rpm was used for complete aeration in the
small aeration tank. Also, a 15 litres aeration unit, model TRO1 with a stirrer model
RW20DZM.n, 72W, KIKA from Labortechnik, Malaysia, was used for the large aeration
tank. A high-shear dispersing impeller with diameter 82 mm was used in the large system.
A dissolved oxygen meter model HI9145 microprocessor, Hanna Instrument, Portugal, was
used to detect and measure the amount of dissolved oxygen in the large aeration tank.

The fungus isolated from the wastewater was used as a seed culture. The media for seed cul-
ture as a starter of each experimental run was prepared by using 1.0 g of glucose and 1.0 g of
peptone in 100 ml of distilled water. The nutrients and minerals were obtained from Merck.
The media was sterilised in an autoclave at 121 °C, 15 psig steam pressure for 20 minutes.

Periodic samples were taken at the starting point after introducing the inocula, on the
first, second and third day of each experimental run. The optical cell density, COD, carbo-
hydrate concentration and dissolved oxygen were monitored for various air flow rates. The
COD was measured by the closed reflux colorimetric method at 600 nm with a spec-
trophotometer using potassium dichromate as a reducing reagent.” All organic chemicals
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that were present in the wastewater could be detected as equivalent to carbohydrates by a
chemical reducing agent 3,5-dinitrosalycilic acid (DNS) which was detected by the spec-
trophotometer at 540 nm wavelength.®°

3.13.3 Results and Discussion

An experimental run had been conducted to study the effect of airflow rate in the 3 litres aer-
ation wastewater treatment tank. Nutrients were added in the treatment tank to ensure sufficient
bacterial growth. In each experiment, the cell optical density, COD and the concentration of
chemicals equivalent to carbohydrates were monitored for the duration of aeration.

Based on the experimental results shown in Figure 3.5, the COD curves showed sharp
reduction in the first day of the treatment and the rates were gradually reduced when the
aeration was extended until the third day. The data show that higher reduction of COD was
achieved with the higher airflow rate. An airflow rate of 1.3 litres/min yielded the highest
percentage of COD reduction, about 58%. On the other hand, the percentage of carbohy-
drate consumption also presented the similar trend with the airflow rate. Reduction of
chemical equivalent to carbohydrate for the small aeration tank with airflow rates of 0.22,
0.83 and 1.3 litres/min was shown in the previous chapter, Figure 2.1. The highest per-
centage of carbohydrate reduction, i.e. 90%, was obtained with an airflow rate of 1.3
litres/min. The results indicated that the aerobic wastewater treatment process with the air-
flow rate of 0.22 to 1.14 litres/min was under oxygen transfer limitation; further process
improvement can be achieved by increasing the airflow rate.

Further experiments were conducted in a large aeration tank, 15 litres batch system to
study the dry weight cell density, COD, carbohydrate, dissolved oxygen and oxygen trans-
fer modelling. Two different airflow rates, 5 and 10 litres/min, were applied. However,
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FiG. 3.5. COD reduction for small aeration tank with various airflow rates.



48 BIOCHEMICAL ENGINEERING AND BIOTECHNOLOGY

owing to the failure and operation limitation of the system, the system could only operate
for 8 hours a day. The COD, dry cell weight, carbohydrate and dissolved oxygen concen-
trations for the experimental run with an airflow rate of 5 litres/min are presented in Figure
2.2 (Chapter 2).

It was expected that the dissolved oxygen for the 5 litres/min system would decrease
with time as the system was running in an oxygen-limited condition. The concentration of
the oxygen approached zero per cent on the third day of the experiment. Even though the
system was running in an oxygen transfer limiting condition, the microbes achieved maxi-
mal growth at 24 hours. The reduction of COD and carbohydrate were 40% and 74%
respectively. The experimental results showed that the system required more aeration.
Therefore an airflow rate of 5 litres/min was not sufficient and the calculation of K, -a may
cause error.

When the airflow rate was doubled, there was sufficient oxygen for optimum microbial
growth. Theoretically under sufficient aeration conditions, the concentration of dissolved
oxygen in the system should be constant; however, because of the reason as mentioned
above, the dissolved oxygen curve showed a drop in the oxygen concentration from 24 to
30 hours. The dissolved oxygen was available at around 5-8 mg-1~! during the aeration.
The oxygen transfer coefficient K| -a for the above system can be estimated by applying the
following mathematical model. A graph of C, against (rX + dC,/dt) was plotted as presented
in Figure 3.6 for the 15 L aeration tank system with 5 and 10 litres/min limitation. The exper-
imental data as presented in the Figure 3.6 show good agreement for 10 litres/min airflow
rate. The oxygen transfer coefficient for 5 and 10 litres/min airflow rate was 0.0509 h~! and
0.3918 h™! respectively. The superficial gas velocity (v,) for the turbulent flow region was
predicted to be around 0.18 m s™! and 1.3 m s™! for the airflow rates of 5 and 10 litres/min
for the correlation given in equation 10. The experimental data were compatible with the
theoretical correlation.

dc .
tL =K,.a(C —C;)—rX (3.13.3.1)

3.13.4 Conclusion

K, -a and v, for the 10 litres/min airflow rate for the 15 litre aeration system was 0.0509 h™"
and 1.3 m s~!. From the experimental results, the microbial growth was not at the optimum
stage for the reasons mentioned earlier. Nevertheless, a reduction of around 95% can be
achieved for carbohydrate reduction. However, further studies should be carried out for
optimisation of the treatment and to improve COD reduction for pharmaceutical waste-
water treatment.

3.13.5 Nomenclature

C, Initial concentration, mg-1~!
C Concentration, kmo-m 3
C,  Concentration in the bulk of liquid, kmol-m~3
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FiG. 3.6. Experimental data for dissolved oxygen concentration level in liquid phase at 5 and 10 I/m.

Biomass concentration, g-17!
Molar flux, kmol-m=3-h™!

‘a  Mass transfer coefficient in liquid phase, h™!
Oxygen concentration in equilibrium with liquid phase at the interface, kmol-m™

Oxygen absorption rate, mol-1~!-h™!
Gassed power, W
Volume of liquid in the fermenter, m?
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—r  Consumption rate of substrate, mol-1"'-s~!
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3.14 CASE STUDY: FUEL AND CHEMICAL PRODUCTION FROM
THE WATER GAS SHIFT REACTION BY FERMENTATION PROCESSES

3.14.1 Introduction

Synthesis gas (syngas), a mixture of primarily CO, H,, and CO,, is a major building block
in the production of fuels and chemicals. They are produced from several sources, including
coal, oil shale, tar sands, heavy residual oil or low-grade natural gas. Catalytic processes
are used to convert syngas components into a variety of fuels and chemicals such as hydro-
gen, methane, methanol, ethanol, acetic acid, etc.! Microorganisms are used as suitable bio-
catalysts to convert syngas into chemicals and fuels. Biological processes, although
generally slower than chemical reaction, have several advantages over catalytic processes,
such as higher specificity, higher yields, lower energy cost and generally greater resistance
to catalyst poisoning. Furthermore, the irreversible character of biological reactions allows
complete conversion and avoids thermodynamic equilibrium relations.!

Anaerobic bacteria are able to grow autotrophically on syngas components. They follow
specific pathways to produce fuels and chemicals from inorganic waste gases.? The reaction
occurs under mild conditions, ambient temperature and pressure with the formation of spe-
cific products. However, direct production of fuels and chemicals by gasification
technology is economically unfavourable and requires very large plant.* Suitable microor-
ganisms may be used for production of fuels and chemicals from bioconversion of syngas.
Fermentation needs substrates such as CO or CO, to provide energy for bacterial growth,
maintenance and by-products such as organic acid, alcohols, and hydrogen that result
from microbial metabolism.>® A recent investigation was conducted using suitable micro-
organisms to produce acetic acid and ethanol from H,, CO and CO,. The organism must be
anaerobic and grow either chemolithotrophically on CO and H,/CO,, or chemoorganotroph-
ically with carbon sources such as fructose, malate, glutamate or pyruvate. It was reported that
CO, H, and CO, can be converted to acetate by several bacteria such as Clostridium aceticum,
Acetobacterium woodii, Clostridium ljungdahlii and Clostridium thermoaceticum.”

Generally, bacteria in the fermentation process require substrates like glucose, sucrose,
malate or acetate as carbon sources to obtain energy for growth and maintenance for syn-
thesis of organic acids, alcohols and hydrogen, which are liberated in the course of micro-
bial metabolism.>!? It is believed that for oxidation of CO, acetyl coenzyme A is required
to enter CO into the citric acid cycle. Rhodospirillum rubrum is capable of producing carbon
monoxide dehydrogenase (CODH) to facilitate the oxidation process.'! It was stated that
synthetic gases were converted to molecular hydrogen with the aid of several photosynthetic
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bacteria, for instance Clostridium aceticum, Acetobacterium woodii, Clostridium ljung-
dahlii and Clostridium thermoaceticum, which are able to produce fuels and chemicals.®’

Purple non-sulphur phototrophic anaerobic bacteria use light (photons) to produce
hydrogen by a biological route. The metabolites of photosynthetic bacteria are organic
acids or carbon monoxide as the energy source. Bacteria grown on carbon monoxide pro-
duce molecular hydrogen and carbon dioxide and generate no by-products. The carbon
monoxide dehydrogenase (CODH) from methanogenic bacteria is the key enzyme in CO
metabolism.'? It has been reported that light and acetate are present during hydrogen for-
mation, in which light is required for hydrogen evolution and acetate is not consumed dur-
ing hydrogen production.!® Reports in the literature state that R. rubrum is grown on
organic components. Photoheterotrophic growth is based on most intermediate metabolites
in the tri-carboxylic acid (TCA) cycle. The major pre-course in this pathway is an acety-
lating agent for the synthesis of other components and coenzyme A (CoA). Acetyl coen-
zyme A is the key component for entering the TCA cycle. In this cycle, molecular hydrogen
and carbon dioxide are continuously evolved.'*

In the past decade, an increasing interest in biological utilisation of gaseous substrates has
developed in several bioprocesses for fuel synthesis.'>!> Production of chemicals and fuels
from gaseous substrates was demonstrated in biocatalytic processes. It was also reported that
biological processes are used to convert gaseous substrates such as CO/H, or CO,/H, to
ethanol and acetate at ambient temperature and atmospheric pressure.'® The reactions are
generally carried out in the aqueous phase where microorganisms are suspended as free cells
or in flocs. The advantages of microbial processes are stated as the product specificity, yield-
ing few by-products, and high process yield. Also, the resistance of biocatalysts has been
found to be higher than chemical catalysts. In industrial gas streams, chemical catalysts are
easily inhibited by trace contaminants, such as H,S and COS. Therefore, the economic
attraction of biological processes in the development of suitable biocatalysts to ferment
gaseous substrates to valuable products has been considered.!”!8

In the present study, a strictly anaerobic bacterium, Clostrdium ljungdahlii, was used to
investigate ethanol and acetate production by bioconversion of syngas with various total
pressures of syngas in a series of batch bioreactors. The significant aspect of this fermen-
tation was to investigate the bioconversion of syngas to commercial fuel. The effects of ini-
tial total pressure of syngas on microbial cell population, substrate and product inhibition
in the culture media were also studied.

3.14.2 Kinetics of Growth in a Batch Bioreactor

When microbial cells are incubated into a batch culture containing fresh culture media,
their increase in concentration can be monitored. It is common to use the cell dry weight
as a measurement of cell concentration. The simplest relationships describing exponential
cell growth are unstructured models. Unstructured models view the cell as an entity in solu-
tion, which interacts with the environment. One of the simplest models is that of Malthus:"

%= X (3.14.2.1)
dr
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where S is cell dry weight in g-17!, u is specific growth rate in h™!, and ¢ is time in hours.
This model predicts unlimited growth with time. We can propose an inhibition term to
provide limited growth which is dependent on cell concentration. We assume that the lim-
iting substrate is consumed according to first-order kinetics:

ds _

—=—k.S 3.14.2.2
dt s ( )

where S is substrate concentration in g-17! and kg is first-order rate constant in h~!. We also
assume that the substrate is converted with a fixed yield factor:

Yy=——n=—"0 (3.14.2.3)

where Y is yield coefficient in g cell/g substrate, x, is inoculum concentration and S is
initial substrate concentration in g-1~!, respectively. Rearranging (3.14.2.3) gives:

x,+Y S, —x
§=_0 "% =
Yx/S

(3.14.2.4)

Maximum cell dry weight is inoculum size plus coefficient yield multiplied by inoculum

concentration, with the assumption that substrate is converted to biomass:'%20
x, = xp + Y55, (3.14.2.5)
Inserting (3.14.2.5) into Equation (3.14.2.4) yields:
G T _ X_m[l_i] (3.14.2.6)
YX/S Yx/S ‘xm
Applying the chain rule principle on the right-hand side of (3.14.2.2):
dS dx
Bd_ s (3.14.2.7)
dx dt

Introducing yield coefficient into (3.14.2.7):

dx
E: kgY 58 (3.14.2.8)
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Inserting Equation (3.14.2.6) into Equation (3.14.2.8) gives:

dx X
—=kx,|1—— .14.2.
iz s

m

Equation (3.14.2.9) contributes to the postulated model which is induced by an inhibition
factor for the population growth rate. Assuming that the inhibition is second-order with
respect to cell dry weight (x?), then the equation becomes: '’

X

m

dr_ me(l—i) (3.14.2.10)
dr

where pw,, is maximum specific growth rate in h™!. This equation is known as the Riccati
equation, which can be easily integrated to give the logistic equation:
x()el""/llt

x =
1= (x,/x, )(1—e"")

(3.14.2.11)

The logistic equation leads to a lag phase, an exponential initial growth rate and a station-
ary population of concentration (x,,). In a population, it is often the case that the birth rate
decreases as the population itself increases. The reasons may vary from increased scientific
or cultural sophistication to a limited food supply.

It is useful to develop a more general population model that accommodates birth and death
rates that are not necessarily constant. Initially, living cells are inoculated into the batch biore-
actor containing the nutrients to begin the growth process. Suppose that the population changes
only by the occurrence of births and deaths, and there is no immigration from the outside envi-
ronment under consideration. It is customary to track the growth or decline of population in
terms of its birth rate and death rate. To describe the above discussion in mathematical form,
the Malthus function can be written for the species that is growing after inoculation:

dx,

—L = pux, (3.14.2.12)
dr

To include a linear decreasing function of the population size, the second-order cell popu-

lation inhibition is considered:

_ I )
n=p, [l > ] (3.14.2.13)

m

where x, is growing cells in g-17! and x, is declining cells as a result of either the toxic by-
products or depletion of nutrient supply. Substituting (3.14.2.12) into (3.14.2.13), gives

dx
d—‘ = 1, %, (1— ke J (3.14.2.14)
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The products that inhibit the cell population in the bioreactor and that promote the cell pop-
ulation gives:

dx,
—==lx 3.14.2.15
dt : ( )

where x, and x, are cell species in g-17!, and k is the decline or promotion constant in h™!.
This means that k is negative when the cell population is inhibited by toxic chemicals, and
k is positive when the cell population is promoted by nutrient. Integrating Equation
(3.14.2.14) yields:

X, = xo,€" (3.14.2.16)
Inserting (3.14.2.16) into (3.14.2.14) provides:

Xo, M
1 _ 270, m
—— T, X =X —5 ¢

3.14.2.17
+ : ( )

Equation (3.14.2.17) shows the form of the Bernoulli equation that is a first-order differ-
ential equation. By substituting (3.14.2.18)

u=—, and ——=x — 3.14.2.18
(o ( )

u is new dependent variable. Transfer (3.14.2.17) into the linear equation:

d Xo, M
Sy g = 2 e (3.14.2.19)
dr X

m

which is a first-order linear differential equation of the form
dy
—+P(x)y =0(x) (3.14.2.20)
dx
. : : . JPeoa o
By multiplying through with the integrating factor e the solution is

y= o Jroe UQ(;c)eI P(X)dxdx—FB} (3.14.221)
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Applying this general procedure to the integration of (3.14.2.19), gives

— X, ’
u=e Jum { I eJ ol (0—2“’"] eMdr+B (3.14.2.22)
'xm _
Then,
X,
u=¢e "' KOZ—Z’L’”]J‘e“*W’dz + B} (3.14.2.23)
xm

By integrating (3.14.2.23),we obtain:

X
. :( ° j( Fo ]ek’ 4 Bt (3.14.2.24)
X k+ Mo

Substituting (3.14.2.18) into (3.14.2.24) yields:

1
sz Mo ekt _}_Be*umt
xli k+pu,

Solving (3.14.2.25) for initial value problems and applying pure culture media with a sin-
gle species (x), gives:

(3.14.2.25)

X =

Ml
xpetm

X = 3 (3.14.2.26)
_| %o Mo [l_e(kerLm)z]
‘xm k + /“Lm

Equation (3.14.2.26) is the novel population equation, which describes the cell population
with inhibition or promotion.!'*

3.14.3 Effect of Substrate Concentration on Microbial Growth

Equation (3.14.2.11) predicts the cell dry weight concentration with respect to time. The
model shows the cell dry weight concentration (x) is independent of substrate concentra-
tion. However, the logistic model includes substrate inhibition, which is not clearly seen
from Equation (3.14.2.11).
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FiG. 3.7. Cell dry weight of R. rubrum grown on various acetate concentrations at an agitation speed of 200 rpm
and light intensity of 1000 lux.

Figure 3.7 shows the growth of R. rubrum in a batch fermentation process using a
gaseous carbon source (CO). The data shown follow the logistic model as fitted by
(3.14.2.11) with the solid lines, which also represent an unstructured rate model without
any lag phase. The software Sigma Plot was used to fit model (3.14.2.11) to the experi-
mental data. An increase in concentration of acetate in the prepared culture media did not
improve the cell dry weight at values of 2.5 and 3 g-17! acetate, as shown in Figure 3.7.
However, the exponential growth rates were clearly observed with acetate concentrations
of 0.5-2 g-17! in the culture media.

It was found that the substrate consumption rate followed first-order kinetics with
respect to substrate concentration.?’-?> The expression of substrate consumption with time
is written in a first-order differential equation:

ds
——=k.S 3.14.3.1
da ° ( )

where kg is the substrate consumption rate constant in h™".
After separating the variables, (3.14.3.1) was solved by integration and the initial con-
ditions were implemented (7, = 0, § = §,)). The resulting expression is

S =S, exp(—kgt) (3.1432)

where S, is initial substrate concentration in g-17%.



GAS AND LIQUID SYSTEM (AERATION AND AGITATION) 57

4
® Ac0.5¢g/L v Acetate 1.5¢/L B Acetate 2.5g/L
O Acetate 1g/l. vV Acetate 2g/L O  Acetate 3g/L
—Eq. (3.143.2)
3L

Acetate concentration, g/l

T T T
0 20 40 60 80 100 120 140
Time, hrs

FiG. 3.8. Acetate reduction in batch cultivation of R. rubrum at an agitation speed of 200 rpm and light intensity
of 1000 lux.

Figure 3.8 shows the time course consumption of varying acetate concentrations in batch
culture for 120 h. An alternative way to describe substrate utilisation of microorganisms is
to use first-order reaction kinetics, i.e. (3.14.3.2). The software Sigma Plot 5 was used to
compare the fitted equation with the experimental data. Acetate concentration (3 g-1-") was
slightly decreased while the reduction of acetate concentration for 1-2 g-17! was signifi-
cantly higher. Acetate conversion dropped from 73% to 23% when acetate concentration
was doubled from 1.5 to 3 g-1~!. This indication may represent inhibition of substrate in the
batch media to retard the microbial growth rate. The objective of variation in acetate con-
centration was to investigate and identify a suitable acetate concentration for desired cell
population and hydrogen production from synthesis gas.

When microbial cells were incubated into a batch culture containing fresh culture media,
an increase in cell concentration was observed. It is common to use cell dry weight as a
measurement of cell concentration. The simplest relation describes the exponential growth
as an unstructured model. Microbial cell growth is an autocatalytic reaction where the
growth rate is proportional to the cell concentration initially present in the media.? In fact,
the microbial populations in which there is increase in biomass are accompanied by an
increase in the number of cells. The practicalities for growing bacteria in suitable culture
depend on both the type of organisms and the system being employed, but the microbial
growth theory is applied universally.!® The batch system is a closed system, which would
only maintain cell viability for a limited time, and the growth cycle changes progressively
from one phase to another in the remaining media and environmental conditions.>* The
logistic equation leads to an exponential initial growth rate and a stationary population of
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FiG. 3.9. Growth simulation of C. ljungdahlii on synthesis gas in batch bioreactor, the experimental data are average
values.

concentration (x,,). But the logistic equation does not predict the death phase of microor-
ganisms after the stationary phase. In this research, a modified equation was introduced
which can predict the death phase of bacteria after the stationary phase. Figure 3.9 shows
the simulation of the cell dry weight versus time. Equation (3.14.2.1) fitted fairly with exper-
imental data. The simulated value was plotted with various values of k in Figure 3.9. k is a
constant value, which is associated with the promotion or decline of the cell population in
the batch system. On the other hand, the negative value of k& shows the promotion of cell
population whereas a positive value of k shows a decline in the cell population. The maxi-
mum cell dry weight concentration (x,,) was 1.2 g-17!, when the inhibition value was 0.003
h™!. The maximum cell dry weight reached 1.5 g-17! when the growth inhibition (k = 0)
was not observed. The determination coefficient of the fit (R?) was 0.997.

3.14.4 Mass Transfer Phenomena

The simplest theory involved in mass transfer across an interface is film theory, as shown
in Figure 3.10. In this model, the gas (CO) is transferred from the gas phase into the liquid
phase and it must reach the surface of the growing cells. The rate equation for this case is
similar to the slurry reactor as mentioned in Levenspiel.?°

The rate of CO transport from the bulk gas into the gas and liquid films is as follows:

o = kCO,gasai (PCO,gas —Feo;) (3.14.4.1)

o kCO,liquid a;(Ceo; — CCO,liquid ) (3.14.4.2)
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FiG. 3.10. The film theory for mass transfer.

where (o is rate of mass transfer for component CO in mol -1 -h~!; kco,gas a0 kg iguia
are the mass transfer coefficients in gas and liquid phases in m/h, respectively; a; is the
interfacial area in m?- m™3; P gos and P ; are partial pressure of gaseous substrate CO at
gas phase and interface in atm, respectively; and Ceq; and Cg jiq,iq are concentrations of
component CO in the interface and liquid phase in mol/l, respectively.

Because the interface region is thin, the flux across a thin film will be at steady state.
Therefore, the transfer rate to the gas—liquid interface is equal to its transfer rate through
the liquid-side film. Thus,

kCO,gasai (F CO.gas Feoi) = kCO,liquid (Ceo; — Cco,liquid) (3.14.4.3)

At the interface, the relation between Peq; and Ccq; is given by the distribution coefficient,
called Henry’s constant (H) for gas—liquid systems. Thus,

Feo; = HCro; (3.14.4.4)

Substituting (3.14.4.4) into (3.14.4.3), gives
_ _ FPeoi
kCO,gasai (P Coeas — F coi) = kCO,liquid a, T CCO,liquid (3.14.4.5)

Rearranging (3.14.4.5) for P, gives

kCO,gasai F Cogas T kCO,liquidaiCCO,liquid
Feoi =

(3.14.4.6)

kCO,liquidai Tk
CO,gasai
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Substituting (3.14.4.6) into (3.14.4.1), gives

k akeqya [P
rC,O — k CO,gas**1™CO,liqiuid CO,gas _Ccoyliquid (31447)
€O liquid 4 H
+kCO,gasa
Rearranging (3.14.4.7), gives
1 P ,gas
r(,ZO = 1 1 ( CIO{g _CCO,liquidj (31448)

kCO,liquid a; H kCO,gasai

which results in a relation between the overall mass transfer coefficient, K;a and the phys-
ical parameters of the two-film transport, kg, and ki;q;q-

1 1 1 .
= + and C =
K, a kCO,liquidai H kCO,gas a,

P CO.,gas

(3.14.4.9)

For slightly soluble gas, such as CO, Henry’s constant is large.'*" Thus, k¢ g, is consi-
derably larger than kg ;.- That makes K;a equal to kcq jiqui;- Thus, essentially, all the
resistances to mass transfer lie on liquid-film side. Therefore,

rto = K,a(Cco — Ceoiguia) (3.14.4.10)

where K;a is the overall volumetric mass transfer coefficient, C* is concentration of CO in
equilibrium with the bulk gas partial pressure (mol-17") and Cc jiqiq s the concentration of
CO in the bulk liquid (mol-17 ).

The reaction rate (—r¢) for a constant volume batch reactor system is equal to the rate
of mass transfer (r/):

1 dN¢o gas dCcogs  ACco iquid
poom—y = L Weogs  dCcosu _ 4Cco 3.14.4.11
oy dr dr dr ( )

Then, substituting (3.14.4.11) into (3.14.4.8), yields

1 dIVCO gas KL(,Z K. a
co VL dr H ( CO,gas co,hqmd) H D ( )
where
H 1 1
* (3.14.4.13)

K, a HkCO,gasa kCO,quuida
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Henry’s constant (H) for CO at 30 and 38 °C is 1.116 and 1.226 atm - 1 - mmol ! CO.!%20.35

Based on assumption, the rate of reaction is absolutely controlled by the mass transfer
process, the dissolved CO in liquid phase penetrates into the cell, then microorganisms rap-
idly utilise the transferred CO in the reaction centre. These phenomena may not be justified
for the fresh inocula entering the culture media; however, once the culture is dominated by
active organisms, the concentration of CO in gas phase decreases as the propagation of
microorganisms increases. Therefore, the concentration of CO in the liquid phase decreases
nearly to zero. That justifies making an assumption, i.e. Pcq iq,iq = 0. This means that the
CO molecules available in the liquid phase are rapidly utilised by the microorganisms.
Thus, the rate of mass transfer can be proportional to the partial pressure of CO in the gas
phase as expected by (3.14.4.12). Therefore, (3.14.4.14) can be simplified in the regime of
mass transfer control by the following expression:!>!7

_ 1 dNCO,gas _ KLCI

vV, dt H

Feo,gas (3.14.4.14)

The plot of the rate of disappearance of CO per volume of liquid in the serum bottles ver-
sus partial pressure of CO in the gas phase based on (3.14.4.14) could give the constant
slope value of K;a/H. Henry’s constant is independent of the acetate concentration but it is
only dependent on temperature. The overall volumetric mass transfer coefficient can be cal-
culated based on the above assumption. The data for various acetate concentrations and dif-
ferent parameters were plotted to calculate the mass transfer coefficient.

Figure 3.11 illustrates the mass transfer coefficient for batch-grown R. rubrum and was
computed with various acetate concentrations at 200 rpm agitation speed, 500 lux light
intensity, and 30 °C. As the experiment progressed, there was an increase in the rate of
carbon monoxide uptake in the gas phase and a gradual decrease in the partial pressure
of carbon monoxide. Also, a decrease in the partial pressure of carbon monoxide was
affected by acetate concentration in the culture media. The value of the slope of the straight
line increased with the decrease in acetate concentrations, i.e. 2.5 to 1 g-17'. The maximum
mass transfer coefficient was obtained for 1g-17! acetate concentration (K,a=4.3-h"1).
The decrease in mass transfer coefficient was observed with the increase in acetate
concentration. This was due to acetate inhibition on the microbial cell population as acetate
concentration increased in the culture media. The minimum K,a was 1.2h! at 3g-1"!
acetate concentration.

3.14.5 Kinetic of Water Gas Shift Reaction

Since there are various specific growth rates and different values of rate constants while
substrate concentration varies, therefore mix inhibition exists. Andrew?® incorporated
a substrate inhibition model?” in the Monod equation; the modified Monod equations
with second-order substrate inhibition are presented in (3.14.5.1) and (3.14.5.2).1%17

J13 & CO,liquid
2
Ky +F €O, liquid +F €O, liquid /K;

w=

(3.14.5.1)
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FiG. 3.11. Rate of CO uptake by R. rubrum with various acetate concentrations at an agitation speed of 200 rpm
and light intensity of 500 lux.

9 Pco, liquid

’ 2 ’
K, + Peotiguia T Feojiquia K

dco (3.145.2)

where K; and K are the substrate inhibition constants. To obtain the maximum specific
growth rate and Monod constant, a linear model of 1/u versus 1/P¢q jiq,iq Was plotted to fit
the experimental data in a linear regression model. Equations (3.14.5.2) and (3.14.5.3) are
rearranged for the linearisation model to compute the substrate inhibition constants as
shown below:16:17

2
Feojigua K, +P €O liquid +P €O liquid

=— (3.14.5.3)
e Mow  Hoy Mo K
’ 2
PCO,liquid _ Kp + PCO,liquid + PCO,liquid
- , (3.14.5.4)
9co qn qm q,, K

The experimental data followed the predicted model and the line represents the above stated
function. The presented data indicate that the range of concentrations in this study exhib-
ited an observed substrate inhibition. The experimental data from the current studies were
observed to be fit with the predicted model based on Andrew’s modified equations.
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FIG. 3.12. Quadratic model based on (3.14.5.2) with substrate inhibition at an agitation speed of 200 rpm and
light intensity of 500 lux.
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FiG. 3.13. Quadratic model based on (3.14.5.4) with substrate inhibition at agitation speed of 200 rpm and light
intensity of 500 lux.

Figures 3.12 and 3.13 show the kinetic parameter evaluation of (3.14.5.2) and (3.14.5.4),
ie. w,, q,, Kp and K. The inhibition phenomena were examined for the growth rate and
the rate of CO uptake, respectively. The experimental data followed the quadratic manner
as presented in the (3.14.5.2) and (3.14.5.4), respectively. The Sigma Plot 5 was used to
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calculate coefficients of (3.14.5.2) and (3.14.5.4). The specific growth rate and CO uptake
rate was considered at 1, 1.5 and 2 g-17! acetate concentrations, light intensity at 500 lux
and 200 rpm agitation speed.

Table 3.1 shows the kinetic parameters for cell growth, rate models with or without
inhibition and mass transfer coefficient calculation at various acetate concentrations in
the culture media. The Monod constant value, K, in the liquid phase depends on some
parameters such as temperature, initial concentration of the carbon source, presence
of trace metals, vitamin B solution, light intensity and agitation speeds. The initial
acetate concentrations in the liquid phase reflected the value of the Monod constants, K,
and K}.. The average value for maximum specific growth rate (u,,) was 0.01 h™!. The value

TABLE 3.1. Kinetic parameters and rate models with and without inhibition mass
transfer coefficients

Acetate concentration

(g-1-1) 0.5 1.0 1.5 2.0 2.5 3.0
Growth kinetics

Xg, g/l 0.029 0.059 0.046 0.040 0.025 0.025

s, h7! 0.066 0.068 0.042 0.064 0.040 0.040

X,,, g/l 0.173 0.252 0.235 0.220 0.115 0.076

R, % 99.3 92.7 97.2 97.0 99.3 99.0
Substrate consumption rate

Acy, g/l 0.53 1.03 1.697 2.21 2.71 3.01

ks h™! 0.029 0.128 0.142 0.011 0.005 0.002

R%, % 99.1 98.4 95.4 98.6 96.0 97.6
Hydrogen yield

Yy cor % — 83.0 85.7 70.4 — —

R% % — 97.0 99.6 99.1 — —
Mass transfer

K,a,h™! — 43 32 2.3 — —

R, % — 96.0 92.0 99.4 — —
Monod equation

TR — 0.057 0.095 0.125 — —

K, atm — 0.345 0.403 0.530 — —

R, % — 95.0 94.1 94.4 — —
Andrew’s equation

Kp, atm — 0.015 — — — —

M D71 — 0.010 — — — —

K, atm — 10.3 — — — —

R, % — 99.7 — — — —

K, atm — 0.032 — — — —

g,» mmol CO-g~lcell-h™!  — 1.10 — — — —

K}, atm — 13.0 — — — —

R%, % — 99.5 — — — —
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of w, was double that of u, reported in the literature.?” The CO uptake rate (g,) was
1.1 mmol - g 'cell-h~! for 1 g-1~" acetate. The CO uptake rates were a few times higher
than the previous data cited in the literature.?” The Monod saturation constant for growth
(K,) was exactly 0.015 atm. The K, value was very small because of substrate depletion as
a result of the fast microbial growth.

3.14.6 Growth Kinetics of CO Substrate on Clostridium ljungdahlii

Growth-dependence of microbial cells on CO was proposed by equation of Andrew, that
substrate inhibition was included as:2¢

Mm,co Ce

= : — (3.14.6.1)
Koo +Coo +(Cog )V IK,

o

where p is the specific growth rate in h™!, w, , is the maximum specific growth rate for
CO in h™!, C{, is carbon monoxide concentration in the gas phase in equilibrium with the
liquid phase in mmol CO - 17!, K, is the Monod constant for CO in mmol CO 17! and K;
is the inhibition constant in mmol CO-17!. C(, in the gas phase was calculated based on
Henry’s law, which relates partial pressure of CO to Henry’s law constant (Cip=
Pco g0/ H). Using (3.14.6.1), modified to drive an equation to predict what CO concentra-
tion should be used at any cell dry weight to maintain maximum cell dry weight:

Cco _ Kco + Cco + (Cco)
1 Mmco  Mmco  MmcoK;

(3.14.6.2)

Figure 3.14 shows the quadratic equation of growth-dependence of CO by C. ljungdahlii
with various initial pressures in experiments repeated three times . It was shown that CO
transfer increased by augmentation of CO concentration (C.,) and was easily used by
C. ljungdahlii in the culture media. Cultures of C. [jungdahlii exhibited CO inhibition in
batch cultivation. The inhibition constant was obtained at 2.0 mmol CO/I. The reason may
be due to the formation of ethanol, which damages the functions of C. [jungdahlii in the
culture media. The inhibition of ethanol may reduce by its removal through a continuous
process because ethanol is a volatile product. The maximum specific growth rate and
Monod constant for CO were 0.022 h™! and 0.078 mmol CO - 17!, respectively.
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3.14.8 Nomenclature

Interfacial area per unit volume of liquid, m™!
Integration constant

CO concentration in gas phase equilibrium with liquid phase, mmol CO-1"!
CO concentration in the liquid phase, mol-1~!

CO concentration in the interface, mol-1~!

Carbon monoxide

Carbon dioxide

Henry’s law constant

Hydrogen

Decline or increase in growth constant by products, 4’
Mass transfer coefficient in the gas phase, m-h™!

Mass transfer coefficient in the liquid phase, m-h™!
Inhibition constant for CO, mmol CO-17!

Substrate inhibition constant for uptake rate, atm

Monod constant for CO, mmol CO-1~!

First-order rate constant, h™!

Number of moles of CO component in the gas phase, atm
Overall gas-liquid mass transfer coefficient, m-h™!
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K, Monod saturation constant for growth, atm

Kp Monod saturation constant for substrate uptake, atm

Peo; Partial pressure of CO in interface, atm

Peo gas Partial pressure of CO in the gas phase, atm

Pcojiqua  Partial pressure of CO in the liquid phase, atm

dco Substrate uptake rate per unit of cell weight, mmol - g~! cell-h™!
q, Maximum specific substrate uptake rate, mmol - g~ ! cell -h™!
S, Initial substrate concentration, g+17!

S Substrate concentration, g-17!

t Time, h

VL Volume of liquid phase, 1

X Initial cell dry weight concentration, g-17!

X Cell dry weight concentration, g-17!

X,, Maximum cell dry weight concentration, g+17!

Yos Yield coefficient of cell substrate, g cell-g~! substrate

n Specific growth rate, h™!

Mo Maximum specific growth rate, h™!

Mo co Maximum specific growth rate for CO, h™!
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CHAPTER 4

Fermentation Process Control

4.1 INTRODUCTION

The growth of an organism in a bioreactor has to be controlled, so the operators must
have sufficient information about the state of the organism and the bioreactor conditions.
Monitoring a fermentation process may need basic knowledge of the bioprocess, and the run-
ning conditions should be recorded. Also any changes taking place must be reported. As most
bioreactors operate under sterile conditions, information can be obtained by taking samples
or by in situ measurements. There are direct and indirect measurements of microbial growth.
The methods of direct growth measurement are cell optical density, total cell counters,
Coulter counter, cell dry weight, packed cell volume and optical detectors. Growth is based
on absorbance/light scattering. The absorbance of culture is generally measured with spec-
trophotometer at a wavelength of about 600 nm.' The indirect measurements of cell growth
are based on cellular components, measurements of ATP, bioluminescence, substrate con-
sumption and product formation, oxygen uptake rate, respiration quotient and heat evolution.
There are many types of bioreactor used in bioprocesses such as the continuous stirred tank
reactor (CSTR), plug flow column, bubble column bioreactor, packed bed bioreactor, fluidized
bed bioreactor, trickle bed bioreactor, tower fermenter, air lift bioreactor, and immobilized
bioreactor. The most common form is the simple stirred tank bioreactor. This is a well-stirred
tank designed for perfect mixing; under these conditions the fluid is uniform everywhere. The
standard CSTR is normally operated under aerobic conditions. In the CSTR bioreactor, the
routine measurement of temperature, pressure, pH and dissolved oxygen condition is carried
out through a set of experimental runs. In equipped bioreactors, the basic instrumentation may
provide sufficient information to determine the total mass or volume of the bioreactor contents,
the agitation speed, power and torque, redox potential, dissolved carbon dioxide concentration,
gas and liquid flow rates into the fermentation vessel, with analysis of oxygen and carbon diox-
ide contents of the exhaust gas. Basic control facilities normally consist of temperature con-
trol, pH and dissolved oxygen content, control foaming and level control for steady operation.?
Figure 4.1 shows the usual instrumentation for a bioreactor with an agitating motor and all con-
trol units. The vessel is jacketed for cooling and heating, with a separate side unit of a
temperature-controlled bath. Steam is used for sterilisation and elimination of contaminants.
Measurements and control of the fermentation conditions are very important for bio-
process control as they provide knowledge and hence a better understanding of the operation.

69
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Foam control
Motor P )
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Dissolved oxygen control |

O

—
Water bath
with
circulati

pump

Flow meter

\ 4

Steam

FIG. 4.1. Instrumentation control for continuous stirred tank (CSTR) bioreactor.

The recorded data can be used to improve the process. Controlling operating conditions is
important for maintaining viable cells, and it makes the interpretation of fermentation data
easier.

The growth of living organisms is a bioprocess, which is regulated by a complex inter-
action between the physical, chemical and biological conditions of the living environment
of fermentation and the biochemical processes inside the cells. The most important part of
the instrumentation is concerned with physical factors such as temperature, pressure, agi-
tation rate, power input, flow rates and mass quantities. Such measurements are standard in
all industrial bioprocesses. Chemical factors are utilised for measuring oxygen and carbon
dioxide concentrations in the exit gas and by aqueous phase pH. However, for measure-
ments of redox potential, dissolved oxygen and dissolved carbon dioxide concentration,
dependability is more important in the instrumentation of controlled units.

Several different instruments are available for measuring flow rates of gases (the inlet
air and the exhaust gas). The simplest instrument is a flow meter for measuring flow rates,
such as a rotameter, which provides a visual readout or is fitted with a transducer to give
an electrical output. Thermal mass flow meters are increasingly popular, especially for
laboratory- and pilot-scale reactors. In these devices, gas flows through a heated section of
tubing and the temperature differences across this heated section are directly related to the
mass flow rate. The flow rate of the liquid can be monitored with electromagnetic flow
meters, but it is very costly. Use of a normal rotameter for low flow rate may cause some error.
Therefore a level sensor is used. As the liquid level reaches the probe, the conductivity of
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TABLE 4.1. Bioreactor operating parameters

Physical Chemical Biological and cell properties
Time pH Respiratory quotient
Temperature Redox potential O, uptake rate
Pressure Dissolved oxygen CO, production rate
Agitation speed Dissolved carbon dioxide Optical density
Total mass O, in gas phase Cell concentration
Total volume CO, in gas phase Viability of cells
Volume feed rate Lipid Cell morphology
Viscosity of culture Carbohydrates Cellular composition
Power input Enzyme activities Protein, DNA, RNA
Foam Nitrogen ATP/ADP/AMP
Shear Ammonia if present NAD*/NADH

Mixing time
Circulation time

Gas holdup

Bubble size distribution
Impeller flooding
Broth Rheology

Gas mixing patterns
Liquid level

Reactor weight

Foam level

Mineral ions

Precursors

Inducers

Growth stimulants

Effective mineral as catalysts
Products

Volatile products
Conductivity

Off gas composition

Activities of whole cells
Specific growth rate

Specific oxygen uptake rate
Specific substrate uptake rate
Metabolites

Growth factors

Growth inhibitors

Biomass composition
Biomass concentration

the media surrounding the probe changes, so monitoring is based on the conductance of the
liquid level. Such capacitance probes or conductance probes are used to detect foam on the
surface of the bioreactor.

Table 4.1 summarises the physical, chemical and biological parameters that should be
collected during fermentation. The lack of reliable biological sensors in most fermentation
processes results in poor feedback of biological information. Biochemical engineers are
able to sort out information using material balance to estimate quantities such as respira-
tion quotient, oxygen uptake rate and carbon dioxide production rate. Analysis of bioreac-
tor off-gas is very important for any material balance that leads us to biological activities
of viable organisms in the bioprocess.

4.2 BIOREACTOR CONTROLLING PROBES

In bioprocess plant instrumentation and process control, variables are very important.
Reading and processing the information about the biosystem and monitoring the cells are
the major aims of the process instrumentation. Controlling pH, measuring the dissolved
oxygen in the fermentation broth and controlling foam are all considered major parameters
and necessary biological information for large-scale operations. The main objective is to
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operate a bioreactor without any problems. To do so we need to be familiar with all the con-
trolling facilities and process instrumentation. Application of biosensors in the bioreactors
is very common, so it is good to know how the controlling unit operates.

4.3 CHARACTERISTICS OF BIOREACTOR SENSORS

The sensor in a bioreactor provides knowledge and information on the state of the process
and also supplies suitable operational data for the process variables. Some of the physical
and chemical effects on the bioreactor have to be translated to electrical signals, which can
be amplified and then displayed on a monitor or recorder and used as an input signal for a
controlling unit. In practice, the response of most of the processes follows a signoidal
S-shaped curve. A similar response would be obtained if a dissolved oxygen probe were
suddenly removed from a vessel with depleted oxygen levels, the probe transferred to a vessel
with water maintained with supplied air passed through the aqueous phase, and the system agi-
tated for sufficient oxygen transfer so that it is saturated in the liquid phase.® Air bubbles may
interfere with sensor signals, and false readings can mislead the bioreactor operation.

The dynamics given by the instrument response signal comprise several processes tak-
ing place in series. Thus the transfer of oxygen from the air into the liquid causes reduction
in the rate of mass transfer due to the reduction in concentration gradient as the existing
driving forces. The rate of change of the oxygen concentration in the gas phase is deter-
mined by the magnitude of the time constant, which depends on the gas volume and the
mass transfer coefficient K, a. The rate of change in the dissolved oxygen with time is deter-
mined by the magnitude of the time constant for the liquid phase, which depends on the
volume of the liquid and the mass transfer coefficient. Finally the time-varying liquid-phase
concentration is registered by the dissolved oxygen electrode and is transmitted as an out-
put signal. Again the signal is affected by the electrode time constant. Thus the process
dynamics are determined by a combination of the time constants for gas phase, liquid phase
and the electrode dynamics.

Figure 4.2 shows the computer simulation results of such a dynamic aeration experi-
ment. The y-axis shows the response fraction with respect to time. The gas phase response
is typically first-order, and the liquid phase shows some lag or delay on the signal. The elec-
trode response is much more delayed for a slow-acting electrode.*

44 TEMPERATURE MEASUREMENT AND CONTROL

Control of temperature for fermentation vessels is required because of the narrow range of
optimal temperature. Most fermenters operate around 30-36 °C, but certain fermentation
may require control of the temperature in a range of 0.5 °C; this can easily be obtained in
large bioreactors.** To maintain bioreactor temperature within the limited range, the sys-
tem may require regulation of heating and cooling by the control system. Heat is generated
in the fermenter by dissipation of power, resulting in an agitated system; heat is also gen-
erated by the exothermic biochemical reactions. In exothermic reactions, the fermentation
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FI1G. 4.2. Computer simulation of a dynamic aeration experiment with a slow DO electrode.

vessel requires cooling. At the start and end of the fermentation, the heat generation rate is
very low, although the systems are normally heated to achieve the desired temperature.
There are many alternatives for measuring and controlling the bioreactor temperature.
These include glass thermometers, thermocouples, thermistors, resistance thermometers
and miniature integrated circuit devices. Thermal units capable of giving direct electrical
output signals are favoured for control purposes. Thermocouples are cheap and simple to
use, but they are rather low in resolution and require a cold junction. Thermistors are semi-
conductors, which exhibit a change in electrical conductivity with temperature. They are
very sensitive and inexpensive; they give a highly nonlinear output. Modern transistorised,
integrated circuits combine the features, but they often display a more linear output.
Platinum resistance thermometers are usually preferred as standard. To avoid contamina-
tion of the bioreactor the thermometers are usually fitted into thin-walled stainless-steel
pockets, which project into the bioreactor. The pockets are filled with a heat-conducting lig-
uid to provide good contact and to speed the instrument response. The resistance ther-
mometer works on the principle that electrical resistance changes with temperature. It
requires the passage of a current to develop a measurable voltage, which is proportional to
the temperature. However, the current should not be so large that it causes heating effects.
The changes in the electrical resistance of the electrical wires to the thermometer can be
quite large, with their resistance being affected by changes in the ambient temperature.
These effects can be eliminated by using separate wires to supply and sense the current. The
advantages of platinum resistance detectors are their high accuracy, high stability and that
the linear output signal can be obtained in normal temperature ranges. The high temperature
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steam for sterilisation may require separate instrumentation within a temperature range of
50-150 °C3

The energy balance for the bioreactor is shown by the following equation. As the
fermenter is used batch wise, the heat balance is mathematically expressed as stated
in (4.4.1):

d[ MCPT} = uX(—AHy)V—UA[T —T;] (4.4.1)

where M is the total mass of the reactor for batch system is constant in kg, C, is the specific
heat in kJ-kg~!-K~!, T'is the temperature of the fermentation in K and ¢ is time in s. Also, the
term wX is the rate of cell growth in kg-m™3-s7!, V is the working volume of the bioreactor
inm?, and —AH  is the exothermic heat generated inside the fermenter in kJ-kg~! cell. Under
steady-state conditions of controlled temperature, d7/ds = 0, the rate of heat accumulation
is zero and the rate of heat production is equal to the heat transfer by the jacketed system.
The rate of heat production is related to the rate of cell growth. The rate of heat transfer is
the mean temperature gradient, [T — 7], multiplied by overall heat transfer coefficient (U)
in kJ-m~*s7!-K™". T} is the temperature of the coolant in the jacket in Kelvins (K).

4.5 DO MEASUREMENT AND CONTROL

The dissolved oxygen content of the fermentation broth is also an important fermentation
parameter, affecting cell growth and product formation. The rate of oxygen supply to the
cell is often limited because the solubility of oxygen in fermentation is low. Unfortunately,
measurement and control of dissolved oxygen under bioreactor conditions is a challenging
problem. The low solubility of oxygen makes the measurements very difficult. There are
several methods to determine the concentration of dissolved oxygen. Most DO probes use
a membrane to separate the point of measurement from the broth; all probes require cali-
bration before use. Three main methods are used: (1) the tubing method; (2) use of mass
spectrometer probes; and (3) electrochemical detectors. In the tubing method, an inert gas
flows through a coil of permeable silicon rubber tubing, which is immersed in the bioreac-
tor. Oxygen diffuses from the broth, through the wall of the tubing and into a flow of
inert gas passing through the tube. The concentration gradient exists because of the diffu-
sion of oxygen into the inert gas. Then the concentration of oxygen gas in the inert gas is
measured at the outlet of the coil by an oxygen gas analyser. This method has a relatively
slow rate of response, of the order of several minutes. The advantages of this method are
that it is simple and in situ sterilisation is easily carried out. In the second method, the mem-
brane of a mass spectrometer probe is used to separate the fermenter contents from the
high vacuum of the mass spectrometer. Measurement of oxygen in the mass spectrometer
probe and the tubing method is based on the ability of the gas to diffuse across the surface
membrane.
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The most common method of measuring dissolved oxygen is based on electrochemical
detector. Two types of detector are commercially available: galvanic and polarographic
detectors. Both use membranes to separate electrochemical cell components from the broth.
The membrane must be permeable only to oxygen and not to any other chemicals, which
might interfere with the measurement. Oxygen diffuses from the broth, across the perme-
able membrane to the electrochemical cell of the detector, where it is reduced at the cath-
ode to produce a measurable current or voltage, which is proportional to the rate of arrival
of oxygen at the cathode. It is important to note that the measurement rate of oxygen arrival
at the cathode depends on the rate of arrival at the outer membrane surface, the rate of trans-
fer across the membrane and the rate of transport from the inner surface of the membrane
to the cathode. The rate of arrival at the cathode is proportional to the rate of diffusion of
oxygen across the membrane. The rate of diffusion is also proportional to the overall con-
centration driving force for oxygen mass transfer. We assume the oxygen concentration at
the inner surface of the membrane is efficiently reduced to zero. The rate of diffusion is thus
proportional to the oxygen concentration in the liquid only. The electrical signal produced
by the probe is directly proportional to the dissolved oxygen concentration of the liquid.
The probe has to be calibrated for accurate measurements.

In the galvanic detector, the electrochemical detector consists of a noble metal like sil-
ver (Ag) or platinum (Pt), and a base metal such as lead (Pb) or tin (Sn), which acts as
anode. The well-defined galvanic detector is immersed in the electrolyte solution. Various
electrolyte solutions can be used, but commonly they may be a buffered lead acetate,
sodium acetate and acetic acid mixture. The chemical reaction in the cathode with electrons
generated in the anode may generate a measurable electrical voltage, which is a detectable
signal for measurements of DO. The lead is the anode in the electrolyte solution, which is
oxidised. Therefore the probe life is dependent on the surface area of the anode. The series
of chemical reactions occurring in the cathode and anode is:

Cathode: O, +2H,0+4e — 40H

Anode: Pb — Pb™ +2e” 4.5.1)
Overall: O, +2Pb+2H,0 — 2Pb(OH)

Polarographic electrodes are different from the galvanic type. In this type of electrode the
external negative base voltage is applied between the cathode (Au or Pt) and the anode (Ag/
AgCl) so that oxygen is reduced at the cathode according to the sequential reactions stated
below. The following reaction takes place at cathode and anode respectively:

Cathode: O, +2H,0+2¢~ — H,0, +20H" (4.5.2a)
H,0, +2¢~ — 20H"

Anode: Ag+Cl — AgCl+e”

(4.5.2b)
Overall reaction: 4Ag+ O, +2H,0+4ClT — 4AgCl+40H"
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An electrical output for a polarographic detector is produced according the above reactions.
Again, various electrolytes can be used for this type of detector, but they are usually based
on KCI or AgCl with additional high molecular mass compounds, which are added to
prevent the loss of electrolyte during sterilisation.

4.6 pH/REDOX MEASUREMENT AND CONTROL

Fermenters are generally operated most efficiently. The fermentation process is normally
carried out at a constant pH. The pH of a culture medium will change with the metabolic
product of microorganisms, which are developed in the fermentation media. Therefore, pH
control is required during the course of fermentation. The pH has a major effect on cell
growth and product formation by influencing the breakdown of substrates and transport of
both substrate and product through the cell wall. It is therefore a very important factor in
fermentation. In fine chemicals, organic acids, amino acids and antibiotic fermentations,
even a small change in the pH can cause a large fall in the productivity. Also, in animal-cell
fermentations, the pH is strictly affected by the cell density.

Measurement of pH is based on the absolute standard of the electrochemical properties
of the standard hydrogen electrode. The basic part of the electrode is a very thin glass mem-
brane (0.2-0.5 mm), which reacts with water to form a hydrated gel layer of only 50-500 A
thicknesses. This layer exists on both sides of the membrane and is essential for the correct
operation and maintenance of the electrode. Hydrogen ions, which exist within the layer,
are mobile and any difference between the ionic activities on each side of the membrane
will lead to the establishment of a pH-dependent potential. A constant potential is main-
tained at the inner surface of the glass membrane by filling the tube of the electrode with a
buffered solution of accurately determined and stable composition, and with constant and
accurate hydrogen ion activity. An Ag/AgCl electrode is generally used as the electrical
outlet from this system. As the pH of the process fluid varies, it causes a change in the
potential on the outer surface of the membrane. To measure this a reference electrode is
necessary to complete the measurement circuit. In the combined electrode, this is con-
structed as an integrated part of the electrode assembly and consists of an Ag/AgCl, elec-
trode in KClI electrolyte saturated with AgCl,. The reference electrode must have direct
contact with the process liquid to have an electrical continuity in the system. The overall
potential measured by the electrode with respect to the hydrogen ions is given by the Nernst
equation:

E=E, +%ln[a;] (4.6.1)

where E is the measured potential in volt, E, is the standard electrode potential in volts, R
is the gas constant, F is the Faraday constant, T is the absolute temperature and a;; is the
hydrogen ion activity. The second term of (4.6.1) is related to pH, with a proportionality
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FiG. 4.3. Instrumentation for a pH control system in a bioreactor.

constant instead of ionic activity. The potential terms are translated to pH, leading to the
following relation:

E=E,—K[pH—pH,] 4.6.2)

where K is the proportionality constant, pH, is the reference or base pH. At room temper-
ature, 25 °C (298K), the value for K is 59.15 mV per unit pH. The calomel reference elec-
trode can be prepared with a predictable and reproducible voltage of 0.28 V. The pH of a
solution can be determined with an electrode. A typical pH control scheme for a pilot-plant
fermenter is shown in Figure 4.3.

4.7 DETECTION AND PREVENTION OF THE FOAM

In a gas and liquid system, when gas is introduced into a culture medium, bubbles are
formed. The bubbles rise rapidly through the medium and dispersion of the bubbles occurs
at surface, forming froth. The froth collapses by coalescence, but in most cases the fermen-
tation broth is viscous so this coalescence may be reduced to form stable froth. Any com-
pounds in the broth, such as proteins, that reduce the surface tension may influence foam
formation. The stability of preventing bubbles coalescing depends on the film elasticity,
which is increased by the presence of peptides, proteins and soaps. On the other hand, the
presence of alcohols and fatty acids will make the foam unstable.

Foaming of the bioreactor is a nuisance, reflects on the mass transfer process and must
be prevented, for many reasons. The problems related to foaming are obvious if they are
due to gas sparging. The problems are the loss of broth, clogging of the exhaust gas system
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and possible contamination, a problem that is due to wetting of the gas filters. During fer-
mentation, foaming may occur suddenly. Some foams are easy to destroy and can be
removed by foam breaker; others are quite stable and are relatively hard to remove from the
top of the bioreactor. The suppression of foam is usually accomplished by mechanical agi-
tation such as a foam breaker. The mechanical devices operate on the centre of the shaft.
They are generally blades or disks that are mounted on the same agitator shaft. Chemical
anti-foams are used to regulate the foam and prevent any foaming on the surface of broth.
The chemical anti-foams are expensive and minimal amounts must be used. Use of chem-
ical anti-foam may complicate the microbial fermentation process, and some may act as an
inhibitor. Therefore they have to be regulated to eliminate any side effect on the bioprocess.
Chemical anti-foams are usually based on silicon and act by reducing the interfacial ten-
sion of the broth. Mechanical devices have advantages because expensive chemicals do not
have to be added to the fermentation broth. However, the addition of an anti-foam may
require the detection of foam. This requires the addition of the necessary amount of anti-
foam to control any preventive foaming in the bioreactor. Also, ultrasonic waves may be an
additional means of destroying foam.

Generally two main types of foam detector are used. They work by detecting either
changes in electrical capacitance or changes in electrical resistance. Table 4.2 shows the
application of foam detectors based on various principles, such as conductance, thermal
conductivity, capacitance, ultrasonic rotating disks.

The capacitance foam detector is made of two electrodes, which are installed in the
bioreactor. They measure the capacitance of the air space above the normal working liquid
level in the bioreactor. If foaming occurs, the air space capacitance is reduced. Detection is
by a change in the magnitude of a small alternating electrical current, which is applied
between the two electrodes. This method is applicable in large-scale bioreactors. The
change in electrical current is converted to an output signal from the detectors; the change
in current is directly proportional to the amount of foam formed. From evaporation of the
liquid media, fouling problems may occur on the electrode by the broth. This may cause
some error in foam detection, so regular cleaning is needed to maintain the electrode.

The foam detector based on the resistance method acts on the conductivity of the probe.
The length of the probe is coated with some electrically insulating material, leaving the tip

TABLE 4.2. Types of foam detector; their features and functions

Conductance An insulated stainless steel electrode which forms one terminal in the circuit.
Thermal Two thermistors mounted some distance apart. A current through the
conductivity thermistors heats them above ambient; foam cool down.
Capacitance A vertical tube with a central electrode. The height to liquid or foam alters the
capacitance.
Ultrasonic A transmitter and receiver mounted opposite each other in a bioreactor.
At 25-40 kHz ultrasound is absorbed by the foam.
Rotating disk This may double as a foam breaker; foam will slow down the rotation or need

an increase in power to maintain speed.
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of the probe exposed to the media. As the foam builds up, it contacts the tip of the probe,
thus completing an electrical circuit and producing an output signal. In the fermentation
medium, as the tip of the probe contacts the generated foam, an electrical circuit is gener-
ated, and an output signal is produced for foam detection.

Another type of probe is based on the principle of the sudden cooling of the heated ele-
ment. When foam comes in contact with a heated electrical element, the hot surface detects
sudden cooling, which is translated to an output signal. The major problem with the use of
a heated element is fouling of the media: the sensitivity decreases while it is used, so such
detectors may not be reliable in practice.

The two other foam sensors mentioned above are ultrasound and rotating disks. The
ultrasound sensor is a transmitter and receiver mounted opposite to each other and operat-
ing at 25-40 kHz. In the bioreactor, the waves are absorbed by the foam and the signal is
generated. The rotational disk foam sensor is a mechanical foam breaker which is used by
increasing the rotational resistance.

The use of a chemical agent as an anti-foam is affected by an on—off algorithm with vari-
able dosing time and time delay. If the presence of foam is detected, then the controller first
activates a delay timer. This type of foam controller works with some delay and variable
dosing time. If at the end of the delay period the foam is still present, then the dosing pump
is activated and chemical agent is added to the bioreactor. If the foam is still detected at the
end of this period, the combined system of delay and dosing is reactivated. With this
method of controller, addition of any unnecessary anti-foam is prevented.

4.8 BIOSENSORS

The biochemical constituents of fermentation broth have been developed by a wide range
of biosensors. A biosensor consists of two main elements. These two elements, the biocat-
alyst and a transducer, are combined as a single detecting probe, in which the transducer
and biocatalyst are held together in a very close contact. The biosensor acts as a device as
flow passes. It can detect penetration of flow through biocatalysts and measures the bio-
chemical transformation of a given substance, for example change in pH. The function of
the transducer is to detect such change and to produce an output signal, which is related to
the concentration of the measured substance. In fact, a biosensor is a combination of bio-
logical sensor attached to transducer that is a simple device which acts specifically with a
high sensitivity in measurements.

The application of biosensors in an operating bioreactor is usually based on whole cells
or enzyme activities. The perfect function of a biosensor is very dependent on the biologi-
cal activities of a system. The biocatalytic reaction produces some detectable change that
must be converted to an output signal by the transducer. The transducers are usually amper-
ometric and potentiometric devices. Such transducers are included in dissolved oxygen
probes and pH electrodes, ion selective electrodes and gas-sensing devices. Amperometric
detectors operate by measuring the flux of some electrochemical redox activities of the pro-
duced biosensor reaction. For example, a dissolved oxygen probe can be used to measure
the rate of oxygen flux produced in an oxidised catalysed reaction. DO probes are a popular
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form of biosensor transducer. They are used for microbial and enzymatic oxido-reductase
reactions. Many enzymatic reactions are associated with the uptake or production of pro-
tons. The rate of proton flux can be measured by using a potentiometric detector, which is
normally done in a pH probe.

Several biosensors are commercially available. One of the most useful is the glucose
sensor. The standard sensor determines glucose concentration based on the glucose oxidase
enzyme. The chemical reaction for oxidation of glucose is:

Glucose + O, + H,0 — Gluconic acid (H") + H,0, (4.8.1)

A suitable biosensor can measure the amount of oxygen consumed in the above reaction.
The biosensor is constructed by the surrounding tip of the DO probe, which is a glucose-
permeable membrane and retaining glucose oxidase/electrolyte solution in direct contact
with the membrane of the DO probe. Normally the DO probe can measure the rate of oxy-
gen flux in the bulk liquid. The flux across the DO probe membrane to the cathode, where
oxygen is reduced, is equal to the rate of oxygen flux reaching and reducing electrode.
The reduced amount of oxygen is equivalent to the rate of glucose that is consumed in the
glucose oxidase enzymatic conversion of glucose to gluconic acid.

The use of a catalyst with oxidase enzyme is an example of the use of a combined
enzyme system, which illustrates the wide potential offered by multi-enzyme electrode sys-
tems. Various enzymes can be arranged to work sequentially to transform quite complex
substances and eventually produce a measurable concentration-dependent change, which is
detected by the output signal and recorded for analysis.

4.9 NOMENCLATURE

Potential, V

Standard electrode potential, V

The gas constant

Faraday constant

Proportionality constant, mV per unit pH
Absolute temperature
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CHAPTER 5

Growth Kinetics

5.1 INTRODUCTION

Microbial growth is considered for the observation of the living cell activities. It is impor-
tant to monitor cell growth and biological and biocatalytic activities in cell metabolism.
A variety of methods are available to predict cell growth by direct or indirect measure-
ments. Cell dry weight, cell optical density, cell turbidity, cell respiration, metabolic rate
and metabolites are quite suitable for analysing cell growth, substrate utilisation and product
formation. The rate of cell growth is described in this chapter. Various bioprocesses are
modelled for substrate utilisation and product formation. Growth kinetics in batch and con-
tinuous culture is examined in detail.

5.2 CELL GROWTH IN BATCH CULTURE

Batch culture is a closed system without any inlet or outlet streams, as nutrients are
prepared in a fixed volume of liquid media. The inocula are transferred and then the
microorganisms gradually grow and replicate. As the cell propagates, the nutrients are
depleted and end products are formed. The microbial growth is determined by cell dry
weight (g+17!) and cell optical density (absorbance at a defined wavelength, A ). A growth
curve can be divided into four phases, as shown in Figure 5.1. As inocula are transferred to
the fermentation media, cell growth starts rapidly in the media. The lag phase shows almost
no apparent cell growth. This is the duration of time represented for adaptation of microor-
ganisms to the new environment, without much cell replication and with no sign of growth.
The length of the lag phase depends on the size of the inocula. It is also results from the
shock to the environment when there is no acclimation period. Even high concentrations of
nutrients can cause a long lag phase. It has been observed that growth stimulants and trace
metals can sharply reduce the lag phase. Figure 5.2 shows the influence of magnesium ions
on the reduction of lag phase in a culture of Aerobacter aerogenes. The lag phase in the
batch culture of A. aerogenes was drastically reduced from 10 hours to zero when the
concentration of Mg?" was increased from 2 to 10mg-1~!. There are many other factors
believed to affect the lag phase. These are discussed in more detail in microbiology
textbooks.!

81
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FIG. 5.2. Influence of [Mg?*] on the lag phase in Aerobacter aerogenes culture.

5.3 GROWTH PHASES

Once there is an appreciable amount of cells and they are growing very rapidly, the cell
number exponentially increases. The optical cell density of a culture can then be easily
detected; that phase is known as the exponential growth phase. The rate of cell synthesis
sharply increases; the linear increase is shown in the semi-log graph with a constant slope
representing a constant rate of cell population. At this stage carbon sources are utilised and
products are formed. Finally, rapid utilisation of substrate and accumulation of products
may lead to stationary phase where the cell density remains constant. In this phase, cell
may start to die as the cell growth rate balances the death rate. It is well known that the
biocatalytic activities of the cell may gradually decrease as they age, and finally autolysis
may take place. The dead cells and cell metabolites in the fermentation broth may create
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toxicity, so deactivating remaining cells. At this stage, a death phase develops while the cell
density drastically drops if the toxic secondary metabolites are present. The death phase
shows an exponential decrease in the number of living cells in the media while nutrients are
depleted. In fact the changes are detected by monitoring the pH of the media.

5.4 KINETICS OF BATCH CULTURE

The batch culture is a simple, well-controlled vessel in which the concentration of nutri-
ents, cells and products vary with time as the growth of the microorganism proceeds.
Material balance in the reactor may assist in following the biochemical reactions occurring
in the media. In batch fermentation, living cells propagate and many parameters of the
media go through sequential changes with time as the cells grow. The following parame-
ters are monitored while the batch process continues:

 Cells and cell by-product

e Concentration of nutrients

* Desirable and undesirable products

e Inhibition

e pH, temperature, substrate concentration

The objective of a good process design is to minimise the lag phase period and maximise
the length of exponential growth phase.

The substrate balance in a batch culture for component i in the culture volume of V, and
change of molar concentration of C; is equal to the rate of formation of product:

d
E(VR-C,-)= Ve rs (54.1)

where V, is the culture volume, assumed to be constant while no liquid media is added or
removed, C; is the molar concentration of component i and ry; is the rate of product forma-
tion. Then (5.4.1) is reduced to:

dc,
? = rﬁ (542)

The rate of product formation, r;, depends upon the state of the cell population, environ-
mental condition, temperature, pH, media composition and morphology with cell age dis-
tribution of the microorganism.>3 A similar balance can be formulated for microbial
biomass and cell concentration. The exponential phase of the microbial growth in a batch
culture is defined by:

dx
== X 5.4.3
o M ( )



84 BIOCHEMICAL ENGINEERING AND BIOTECHNOLOGY

There is no cell removal from the batch vessel and the cell propagation rate is proportional
to specific growth rate, w (h™!), using the differential growth equation the cell concentra-
tion with respect to the time is:

X(t)=X,e" (5.4.4)

5.5 GROWTH KINETICS FOR CONTINUOUS CULTURE

The fermentation system can be conducted in a closed system as batch culture. The batch
system growth kinetics and growth curve were explained in sections 5.2 and 5.3. The
growth curve is the best representation of a batch system. Disadvantages exist in the batch
system such as substrate depletion with limited nutrients or product inhibition growth
curve. The growth environment in the batch system has to follow all the phases projected
in the growth curve. Besides nutrient depletion, toxic by-products accumulate. Even the
composition of media with exponential growth is continuously changing; therefore it will
never be able to maintain any steady-state condition. The existing limitation and toxic prod-
uct inhibition can be removed if the system is an open system and the growing culture is in
a continuous mode of operation. In engineering, such a system is known as an open sys-
tem. There would be an inlet medium as fresh medium is pumped into the culture vessel
and the excess cells are washed out by the effluents, leaving the continuous culture from
the fermentation vessel. The advantages of continuous culture are that the cell density,
substrate and product concentrations remain constant while the culture is diluted with
fresh media. The fresh media is sterilised or filtered and there are no cells in the inlet
stream. If the flow rate of the fresh media gradually increases, the dilution rate also
increases while the retention time decreases. At high flow rate, the culture is diluted and the
cell population decreases; with the maximum flow rate when all the cells are washed out,
the composition of the inlet and outlet conditions remain about the same. In this condition
a washout phenomenon takes place. In continuous culture, the flow rate is adjusted in such
a way that the growth rate and the cell density remain constant. There are two types of
culture vessel: chemostat and biostat; both are open systems.*> Detailed explanations are
given below.

(i) Chemostat (growth rate controlled by dilution rate, D, (h™")
(i1) Turbidostat (constant cell density that is controlled by the fresh medium)

1. Chemostat. The nutrients are supplied at a constant flow rate and the cell density is
adjusted with the supplied essential nutrients for growth. In a chemostat, growth rate
is determined by the utilisation of substrates like carbon, nitrogen and phosphorus. A sim-
ple chemostat with feed pump, oxygen probe, aeration and the pH controlling units is
shown in Figure 5.3. The system is equipped with a gas flow meter. Agitation and aeration
provided suitable mass transfer. The liquid level is controlled with an outlet pump.
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FI1G. 5.3. Schematic diagram of continuous culture with control units in a constant volume chemostat.

Fresh medium is pumped into the culture vessel. The liquid level is controlled as the over-
flow is drained to a product reservoir.

For constant volume of the fermentation vessel, a liquid level controller is used. The sys-
tem is also designed with an outlet overflow to keep the liquid level constant. Figures 5.4,
5.5 and 5.6 show various mechanisms for constant-volume bioreactors. An outlet pump is
customarily used to maintain a constant flow rate. Complex systems are designed to con-
trol the mass of the generated cells; photocells or biosensors are used to monitor the opti-
cal density of the cells (Figure 5.7). Cell concentration is controlled by the supplied
nutrients and the flow rate of fresh media. The substrate concentration and the retention
time in the fermentation vessel may dictate the cell density. Besides the nutrients and the
controlling dilution rate, there are several physiological and process variables involved in
the kinetics and the design of a bioreactor.®’ These parameters are temperature, pH, redox
(reduction and oxidation) potentials, dissolved oxygen, substrate concentration and many
process variables. In a chemostat, cell growth rate is determined by an expression that is
based on substrate utilisation, mainly C, N and P with trace amounts of metals and vita-
mins. The advantages of continuous culture are that the essential nutrients can be adjusted
for maximum growth rate and to maintain steady-state conditions. There is a determined
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filter

X, S

Effluent

FiG. 5.4. Chemostat without pumps maintained at constant level.

relation between cell concentration and dilution rate. At steady state, cell concentration is
maximised with optimum dilution rate. There is also a critical dilution rate where all the
cells are washed out and there is no chance for the microorganisms to replicate; this is
known as the maximum dilution rate.

2. Biostat. This is also known as a turbidostat. It is a system where cell growth is
controlled and remains constant while the flow rate of fresh media does not remain
constant. Cell density is controlled based on set value for turbidity, which is created by
the cell population while fresh media is continuously supplied. A turbidostat is shown in
Figure 5.8.

In a chemostat and biostat or turbidostat, even with differences in the supply of nutrients
and/or fresh media, constant cell density is obtained. The utilisation of substrate and the
kinetic expressions for all the fermentation vessels are quite similar. It is possibile to
have slight differences in the kinetic constants and the specific rate constants.>* Figure 5.9
shows a turbidostat with light sources. The system can be adapted for photosynthetic
bacteria.

The continuous cultures of chemostat and biostat systems have the following criteria:

e Medium and cells are continuously changing
* The cell density (p,,) is constant
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FiG. 5.5. Chemostat with feed pump overflow drainage maintained at constant level.
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FIG. 5.6. Chemostat using single medium inlet feed and outlet pumps.
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FiG. 5.7. Chemostat with inlet and outlet control loops, feed and product pump with cell loading and recycling.
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FiG. 5.8. Biostat with light source used detect cell turbidity and bacterial optical density.

* Steady-state growth
e Open system

The system is balanced for cell growth by removing old culture and replacing it with fresh
medium at the same rate.
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FI1G. 5.9. Continuous culture with light source used for photosynthetic bacteria, turbidostat.

5.6 MATERIAL BALANCE FOR CSTR

At steady-state condition for chemostat operation, change of concentration is independent
of time. Material balance for the fermentation vessel is:

In — Out + Reaction rate = Accumulation

At steady-state condition there is no accumulation, therefore the material balance is
reduced to:

F(Cy—C)+Vgry)=0 (5.6.1)

where Cif is the molar concentration in feed stream, C, is the molar concentration in the

dc,
outlet stream and —r; = d—ﬁ is the rate of feed stream or consumption rate
t

F
ry = V_(C" —Cy)=D(C,—Cy) (5.6.2)
R

The rate of formation of a product is easily evaluated at steady-state condition for inlet and

. . . F . .
outlet concentrations, where D is the dilution rate, defined as D = —, which characterises
R
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the inverse retention time in the CSTR unit. The dilution rate is equal to the number of
fermentation vessel volumes that pass through the vessel per unit time. D is the reciprocal
of the mean residence time.

The kinetic of cell growth for prediction of growth rate is projected by the net growth
rate, which is:

Rate of cell dry weight

dX/dr = growth rate — cell removal rate — cell death rate

In a continuous culture:

dX/dt = uX — DX —aX (5.6.3)

where « is the specific death-rate constant.

5.6.1 Rate of Product Formation

Similarly, the rate of product formation is defined as:

(:1—1:=q,,x—DP—/3P (5.6.1.1)

where ¢, is the specific growth rate for product formation, 8 is the denaturation of product
coefficient and the specific rate of product formation. For a special case the specific growth
rate for product formation is simplified and reduced to:

_1dp (5.6.1.2)
Y

If the cells are in the exponential growth period and there is no cell death rate, « = 0. The
net cell concentration is:

dX
o growth — output = uX — DX (5.6.1.3)

At steady-state condition, the biomass concentration remains constant, that is, dX/dr = 0, and
(5.6.1.3) concludes to w = D; therefore the specific growth rate is equal to the dilution rate.

5.6.2 Continuous Culture

Exponential growth in a batch culture may be prolonged by addition of fresh medium to the
fermentation vessel. In a continuous culture the fresh medium has to be displaced by an
equal volume of old culture, then continuous cell production can be achieved.
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5.6.3 Disadvantages of Batch Culture

There are several disadvantages of batch culture. The nutrient in the working volume
becomes depleted; the other major problem is the limitation and depletion of the substrate.
Since there is no flow stream to take effluent out, as the system is closed, toxins form there.
A disadvantage related to substrate depletion is that the growth pattern may reach the death
phase quickly in an old culture. The long duration of the batch system for slow growth
results in exhaustion of essential nutrients and an accumulation of metabolites as by-
products. Exhaustion of nutrients and substrate may cause the system to become retarded.
The technical problem resulting in changes to media composition may directly affect the
microbial exponential growth phase. Inhibition is another factor affecting the bioprocess,
which causes the reaction rate shift. As a result, inhibition may slow down bio-catalytic
activities. Product inhibition may block enzyme activities, and the cells became poisoned
by the by-product. One common disadvantage of the batch process is that one has to carry
out a cycle for production: the product should be sent for downstream processing, then
the system has to be cleaned and recharged with fresh feed, so the process is highly labour-
intensive for downtime and cleaning.

5.6.4 Advantages of Continuous Culture

There are several advantages to continuous culture, where all the problems associated with
the batch culture are solved. Firstly, the growth rate is controlled and the cells are well
maintained, since fresh media is replaced by old culture while the dilution is taking place.
As a result, the effect of physical and chemical parameters on growth and product forma-
tion can easily be examined. The biomass concentration in the cultured broth is well main-
tained at a constant dilution rate. The continuous process results in substrate-limited growth
and cell-growth-limiting nutrients. The composition of the medium can be optimised for
maximum productivity; in addition secondary metabolite production can also be controlled.
The growth kinetics and kinetic constants are accurately determined. The process leads to
reproducible results and reliable data. High productivity per unit volume is achieved. The
continuous culture is less labour-intensive, and less downtime is needed. Finally, steady-
state growth can be achieved, even if mixed cultures are implemented.

5.6.5 Growth Kinetics, Biomass and Product Yields, Y, and Y,

The yield is defined as ratio of biomass to the mass of substrate.
The ethanol fermentation from sugar is simplified based on the following reaction:

C(H,,0, - 2C,H,OH +2CO, (5.6.5.1)

The rates of biomass production and product formation are:

dX dX ds ds dP ds
et e Yo —  and — =Y, — 5.6.5.2
dt ds dr X5 de dt PIS ( )
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where the yields of biomass and product are:

AX AP
YX/S = _A_S and YP/S = _A_S (5653)

For instance the theoretical yield of ethanol fermentation based on fermentation of glucose
results in two moles of ethanol:

2mol EtOH _ 2x46 _ ., gEtOH
mol C¢H,,0, 180 T gC4H,,0,

The effect of substrate concentration on specific growth rate (u) in a batch culture is related
to the time and w,,,,; the relation is known as the Monod rate equation. The cell density
(peep) increases linearly in the exponential phase. When substrate (S) is depleted, the
specific growth rate (u) decreases. The Monod equation is described in the following
equation:

S

(5.6.5.4)
K +S

M= Ry,

where w is the specific growth rate, u,, is the maximum specific growth rate in h™!, K is
saturation or Monod constant and S is substrate in g-1~!. The linearised form of the Monod
equation is:

l:(&]l+L (5.6.5.5)
o\ My )S My

The average biomass concentration is defined as the product of yield of biomass and
change of substrate concentrations in inlet and outlet streams. The biomass balance is:

X =Yy, (—AS) = Yys(S; —S,) (5.6.5.6)

where, S, and S, are inlet and outlet concentrations in mol-1~!. Rate expression is based on
the Monod equation for substrate utilisation, given by the rate equation (5.6.5.4):

MK+ S = poy S or - uKg = (e — @S (5.6.5.7)
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The rate equation was solved for substrate concentration in the product stream.
Rearrangement of (5.6.5.7) results in an equation for substrate in terms of specific rate:

Ky
Pomax — M

S= (5.6.5.8)

Finally, at steady-state condition, as has been stated above (5.6.1.3), the rate of substrate
consumption is equal to the biomass generation, with the assumption of zero death rate:

KD

u=D=S§ = (5.6.5.9)
I'Lmax _D
5.6.6 Biomass Balances (Cells) in a Bioreactor
The material balance for cells in a continuous culture chemostat is defined as:
cell accumulation = cell in — cell out + cell growth — cell death (5.6.6.1)
dx F
— == (X, - X)tuX—aX (5.6.6.2)
dr Vv

where F is the flow rate in 1/h, V is the working volume of the bioreactor in I, X is the cell
concentration in g-17!, u is the specific growth rate in h™!, K, or K, equal «, known as the
specific death rate in h™! and D or F/V is the dilution rate in h™!. Since in the exponential
phase steady-state growth has been achieved and the specific growth rate is much greater
than the specific death rate, then (5.6.6.2) is simplified and reduced to a point where the
specific growth rate is equal to the dilution rate:

X Dx+ux (5.6.6.3)
dt
At steady-state condition:
g = O
dr
0=X(u—D) (5.6.6.4)

Then, u = D.

There is a specific dilution rate known as critical dilution rate where a washout
phenomenon takes place. At the critical dilution rate there is not enough time for the
microorganisms to replicate.
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5.6.7 Material Balance in Terms of Substrate in a Chemostat

The substrate balance is given based on following equation:

—§=(£)(Sm S | x| | x—mx
e \V Yys Ypg

cell product Maintenance =0
growing  formed (5.6.7.1)

In general, u >> m, so we can therefore neglect the last term.
For steady-state no product is formed which means there are no changes in substrate and
product concentrations:

_g —0 and (%] —0 (5.6.7.2)

Also, F/V=D then u=D
0=D(S,, —S,u) — pX (5.6.7.3)

Yyss
Rearranging the above equation:

X =Yy (S = Sout) (5.6.7.4)

For steady-state condition:
=u, S .= KsD (5.6.7.5)

Substituting equation (5.6.7.2) into equation (5.6.7.1):

X =Yy, (Sm _ KD j (5.6.7.6)
Mo =D

For unsteady state:

dax =X(n—D) (5.6.7.7)
dr
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The equation with respect to substrate:

ﬁzx(ﬂm. S _D] (5.6.7.8)

5.6.8 Modified Chemostat

With cell recycling, chemostat efficiency is improved. To maintain a high cell density the
cells in the outlet stream are recycled back to the fermentation vessel. Figure 5.10 repre-
sents a chemostat unit with a cell harvesting system. The separation unit is used for har-
vesting the cells and recycling then to the culture vessel to increase the cell concentration.
The material balance in a constant volume chemostat is derived based on cell balance as
shown in the following equations. Material balance in a chemostat with recycle, p,.:

dX(E

F
1o v)[x" — X(1+7)]+ ,LLX+(V)-CX (5.6.8.1)

where 7= recycle ratio
¢ = the factor by which the outlet stream is concentrated before return

Cotton \)

filter FS,

Medium in

' (1+7)F, X Cotton
filter
Cell separator
Effluent

Concentrated cells, CX

FiG. 5.10. Chemostat with a cell recycle stream.
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Xy, So, F+ F filter
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Fic. 5.11. Two stages of CSTR fermentation vessels in series.
dx
For steady-state, — =0
dr
= D(l+T1—1c) (5.6.8.2)

Multi-stages of continuous culture are designed to use the outlet of the first vessel as the
inoculum for the next stage. If intermediate metabolites are used as feed for another
microorganism, sequential continuous culture is useful. The dilution rate for each vessel
may be different to the other vessel. It is also possible to supply different nutrients for each
stage of fermentation vessel. It is common to operate earlier stages as aerobic and subse-
quent stages in an anaerobic condition. In addition, if unused substrate leaves the product
stream, it can be used in the next stage even at low substrate concentration. The kinetic rep-
resentation may show a slower rate and even drop to zero-order. Figure 5.11 shows two
stages of a chemostat in operation.

5.6.9 Fed Batch Culture

Culture with continuous nutrient supply can be operated in two modes: (i) variable volume;
(i1) fixed volume.
For variable volume, feed rate F;, is not the same as outflow when F_, =0

d
3 V) =pXV = F X (5.69.1)
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d
Yk F. (5.6.9.2)
dt
and dilution rate,
F
D=-—"*2 (5.6.9.3)
\%
Material balance for substrate:
d F
B _Fis 4ms,+5,1- s, (5.6.9.4)
d Vv Yys
For steady-state, § =0
dr
— D
X=—Y, (S-S, (5.6.9.5)
7
Substituting w:
X = Yy(S; = 5,)/(1+7—17c) (5.6.9.6)
F
% =lp——=|X=(u—D)X (5.6.9.7)
dr \%

For quasi-steady state, the specific growth rate reaches the media dilution rate, w= D. If

F,, > F,,, the specific growth rate may decrease.

e Fed batch is used to overcome substrate limitations, especially for the production of
antibiotics.

* Avoid substrate inhibition, which can allow a periodic shift of the growth rate.

5.7 ENZYME REACTION KINETICS

Most enzymes catalyse reactions and follow Michaelis—Menten kinetics. The rate can be
described on the basis of the concentration of the substrate and the enzymes. For a single
enzyme and single substrate, the rate equation is:

E+S — ES (5.7.1)
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ES—>E+P
_dS vS
d K, +S
Kyl |
v vmaxS I*Lmax

(5.7.2)

(5.7.3)

(5.7.4)

where V is rate of substrate consumption in mol-1"!-h~!, V__ is the maximum specific
growth rate in h™!, S is substrate concentration in g-1"! and K, is Michaelis—Menten con-
stant in g-17!. A double reciprocal plot or a well know Lineweaver-Burk plot of 1/u versus

1/§ is shown in Figure 5.12.
For batch reaction, there is no inlet or outlet stream
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FiG. 5.12. Single enzyme with different substrates.

(5.7.5)

(5.7.6)
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where V is the volume of batch reactor which is constant volume.

45— VwaS (5.7.7)
dr K, +S
' Sy
K +S
—J.dt - j n 2 g (5.7.8)
vmaxS
0 So
K S 1
= —"‘ln—f+—(Sf -S,) (5.7.9)
vmax S(] vmax
m S (So _Sf)
Fpagen = —2=In =&+ ———= (5.7.10)

max max

Sf %

where S is the initial substrate concentration in g-17!, and Sf is the final substrate concen-
tration in g-17!.

5.7.1 Mechanisms of Single Enzyme with Dual Substrates

The kinetics of double substrates with defined dissociation constants are given as:

k

E+S, %T)ESD K== (5.7.1.1)
where K is the equilibrium or dissociation constant.
ES, — S E+P, (5.7.1.2)

Similarly, for a second substrate, the reaction is carried out and the second product is
formed.

E+S, < ES,, K, (5.7.1.3)
where K, is the equilibrium or dissociation constant.

ES, —2 5 E+P, (5.7.1.4)
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Overall enzyme balance and equilibrium constants are defined for the intermediate sub-

strate and enzyme complex. The total enzyme concentration is the sum of free and conju-
gated enzymes with the substrates.

e, = E+ES, +ES, (5.7.1.5)

The intermediates, complexes of ES, and ES,, are defined based on equilibrium constants.

_LENS o _ [ENLS]

K= B =g (5.7.1.6)

= EUS) g (BN, (57.17)
[ES, ] K,

The initial and total enzyme concentrations are defined based on measurable components
given below:

e, =E[1+i+i] (5.7.1.8)
Kl K2

The free enzyme can also be defined based on the following equation:

E=— " (5.7.1.9)

The rate equation for first substrate:

_%Zvl =k1[ES|]=kl[ET]1[Sl] (5.7.1.10)
The rate is defined with respect to dual substrates:
Y, :]‘19[0{?5‘1]/[1_’_2_’_[3;22] (5.7.1.11)
The rate equation for the second substrate is:
ds, k[EILS, ]

— 22 — oy =k [ES. 1= 5.7.1.12
dar L) L[ES, | ( )

2
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The second rate is also defined as follows:

v, :M 1_}_&_}_572 (5.7.1.13)
K, K, K,

Overall reaction rates for dual substrates are the sum of the rates of dissociation of two
substrates.

vy =B [5 95 (kS S ) S S 5 s
di &t dr K K, K,

If one substrate vanishes then the rate is based on the concentration of the total substrate
that is present in the reaction vessel; so if S, is zero, then the total substrate concentration
Sy, 1s the concentration of substrate involved in the reaction.

eokl STO

=T (5.7.1.15)
K, +S;

Ur

Otherwise if one of the substrate increases, the other substrate decreases. If S, increases
then S, has to decrease. The simplified rate, which is very similar to that for a single sub-
strate, is given as follows:

_ eoky Sy,

=902 (5.7.1.16)
K, +S;

Ur

In general, enzymes are proteins and carry charges; the perfect assumption for enzyme
reactions would be multiple active sites for binding substrates with a strong affinity to hold
on to substrate. In an enzyme mechanism, the second substrate molecule can bind to the
enzyme as well, which is based on the free sites available in the dimensional structure of
the enzyme. Sometimes large amounts of substrate cause the enzyme-catalysed reaction to
diminish; such a phenomenon is known as inhibition. It is good to concentrate on reaction
mechanisms and define how the enzyme reaction may proceed in the presence of two dif-
ferent substrates. The reaction mechanisms with rate constants are defined as:

E+S«—ES (5.7.1.17)
-1
k 1

The dissociation constant is related to the equilibrium constant, given by k, = k;
1

ES+S«X2 5 ESS or ES, (5.7.1.18)
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[ES][S]
[ES,]

k_
K, = 2 (5.7.1.19)
k2

ES—*SE+P (5.7.1.20)

The total enzyme concentration is the sum of free and conjugated enzymes with substrates.

e, = E+ES, +ES, (5.7.1.21)

When the enzyme—substrate complex is stabilised, it may reach a fixed concentration,
therefore there is no more change in ES:

- d[fzS] = Io[ESIIS1=ky[ES, 1+ k_ [ES1= K [EI[S1=kES]=0  (5.7.1.22)

The rate equation for the enzyme complex leads to product in (5.7.1.22) is defined as:

v =k[ES] (5.7.1.23)
ES, was obtained from (5.7.1.19):
ES][S
[ES,]= [kﬁ (5.7.1.24)
2

Incorporating (5.7.1.24) into (5.7.1.22), after simplification it is reduced to:

(k_y —ky)LES] = K [E][S] (5.7.1.25)

Substituting (5.7.1.24) into (5.7.1.22), the rate of enzymatic reaction with dual substrates is
obtained:

_ Kk kIE]S]
p=2 bl

5.7.1.26
S ( )

The reaction mechanisms may assist us in obtaining a suitable rate equation. Based on the
enzyme reaction mechanism given by (5.7.1.18) for the intermediate enzyme—substrate
complex, the following equations are derived for ES:

d(ES
_ (dt ):kl[E][S]_kfl[Esl]_kZ[ES][S]+k*2[ES2]:O (57127)
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From the equilibrium constant, the free enzyme concentration must be defined. We know
the total enzyme concentration as the sum of the conjugated enzymes with substrates and

the free enzymes.

¢,=E+ES+ES, = E=e¢,— ES—ES,

(5.7.1.28)

Substituting (5.7.1.28) into (5.7.1.27), then solving for intermediate enzyme—substrate

complex:

kile,1[S1— (k, + k_ )LES1+ (k_, — k) ES, 1~ k,[ES][S]= 0

ke, [S1=(k, +k1)[ES]—H%J— kz}[ES][S]
2

The enzyme—substrate complex is used by substituting ES into (5.7.1.23):

ke,[S]
1+K, —{[?—1]—%}[51
1 1

At equilibrium conditions the rate constant for (5.7.1.17) is:

v=k[ES]=

[E][S]

K, =
[ES]

The intermediate enzyme—substrate complex is defined:

[EI[S] _ e,S— ES, — ES,S
Kl Kl

[EST=

The second equilibrium constant for the (5.7.1.18) is also defined:

_ [ES][S]

K
> [ES,]

where the total enzyme is e, = E + ES + ES,

E=e,— ES—ES,

Let us eliminate ES, by substituting ES, = e, — E — ES into equation 5.7.1.27

(5.7.1.29)

(5.7.1.30)

(5.7.1.31)

(5.7.1.32)

(5.7.1.33)

(5.7.1.34)

(5.7.1.35)
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Equation 5.7.1.34 gives:

K,e, — K,E — K,[ES]=[ES][S] (5.7.1.36)

Equation 5.7.1.32 leads to:

K\[ES]=[E][S] (5.7.1.37)

The free enzyme concentration is:

K|[ES]
[E]= ‘[S] (5.7.1.38)
Substituting (5.7.1.38) into (5.7.1.36) results in:
K,e,— K, K'[E:;S]—KZ[ES]z [ES][S] (5.7.1.39)
The intermediate complex ES is defined:
[ES]= Kzeo/[SJr K, — I([gl](l } (5.7.1.40)
The enzyme rate equation with two dissociation relations at equilibrium yields:
v= keo/l—k[s]%—l(1 (5.7.1.41)
K, [S]
Now, maximise the rate at a specific substrate concentration:
dv_ :—L—i—ﬁ:ﬁzl (5.7.1.42)
dr K, §* §* K,

Maximum substrate concentration is defined by the square root of the dissociation constants
S = VK K, (5.7.1.43)

At a high substrate concentration, the rate can be simplified and a linearised model is obtained:

L O /keo (5.7.1.44)

v K,
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A graph of 1/v versus S is plotted and the slope is 1/K,ke,. There is an intercept in the
graphical presentation to identify another constant. From the above equation, K, can be cal-
culated, which is similar to S, ,,, where S, means that the substrate concentration gives
the maximum rate.

max?

5.7.2 Kinetics of Reversible Reactions with Dual Substrate Reaction

The reaction mechanisms for reversible reactions are slightly different. In the above sec-
tion, the second part of the reaction that leads to product was irreversible. However, if all
the steps in enzyme reactions were reversible, the resulting rates may be affected.

S+E «— ES (5.7.2.1)

where k, is the rate constant for forward and k_, the rate constant for backward reactions.
The second reaction is:

ES < P+E (57.2.2)

where k, is the rate constant for forward and k_, the rate constant for backward reactions.
For dual substrates the reaction mechanisms may be complicated if the enzyme—substrate
complex of the first substrate reacts with the second substrate; then the dissociation con-
stant of K, is defined to present the equilibrium, and vice versa the dissociation constant
for the reaction of second substrate—enzyme complex with the first substrate is K,,.

e, =e+ES, +ES, +ES,S, (5.7.2.3)

The rate equation for reversible reactions with two substrates is defined.

v=ke, / 14 Ko K KoKy (5.7.2.4)
S S, S;5,
Assume
KK, =K,K,, (5.7.2.5)
ke,S,S, ke,S, S,

v= - s (5.7.2.6)
SISZ +K2152 +K12S1 +K2K21 (KIZ +S2)(K1 +S1)

For the special case the rates are simplified to more familiar rates and result in the following:

p= Y S1 (5.7.2.7)
K +S,
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where v",,, and K" are the apparent maximum rate and Michaelis constant, respectively.

. ke S
v = e (5.7.2.8)
K, +S,
. KK,+K
K, = KKy +KpS, (5.7.2.9)

K,+S,

If one substrate is in great excess, K, is small or S, >> K|, then v, = ke, and K; =K,,. In
this case we can simplify the rate to:
— keoSI

(5.7.2.10)
K, +S,

5.7.3 Reaction Mechanism with Competitive Inhibition

Generally inhibitors are competitive or non-competitive with substrates. In competitive
inhibition, the interaction of the enzyme with the substrate and competitive inhibitor
instead of the substrate can be analysed with the sequence of reactions taking place; as a
result, a complex of the enzyme—inhibitor (E]) is formed. The reaction sets at equilibrium
and the final step shows the product is formed. The enzyme must get free, but the enzyme
attached to the inhibitor does not have any chance to dissociate from the EI complex. The
EI formed is not available for conversion of substrate; free enzymes are responsible for that
conversion. The presence of inhibitor can cause the reaction rate to be slower than the ordi-
nary reaction, in the absence of the inhibitor. The sequence of reaction mechanisms is:

E+S < ES, K (5.7.3.1)

E+1< ELK, (57.3.2)

where K and K; are dissociations for the Michaelis—Menten rate constant and the inhibi-
tion constant, respectively:

ES—*SE+P (5.7.3.3)

The total enzyme concentration is the sum of all enzymes as free, and those conjugated as
ES and EI:

e,=E+ES+EI (5.7.3.4)
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The reaction rate model is based on total enzyme, substrate and inhibitor concentrations.

ke,S (5.7.3.5)

Comparison of the ordinary Michaelis—Menten relation with (5.108) shows that the inhibitor
did not influence specific growth rate, v, ., but the Michaelis—-Menten constant was affected
by the inhibitor and resulted in a constant, known as the apparent Michaelis constant.

K™ =K, [1+KLJ (5.7.3.6)

1

where K% is apparent Michaelis constant. The rate constant is increased by the presence
of a competitive inhibitor. The inhibitor causes the reaction rate to slow down. The compet-
itive inhibitor can be unaffected or eliminated by increasing the substrate concentration.

5.7.4 Non-competitive Inhibition Rate Model

The non-competitive inhibitor is defined by the following sequence of reactions:

EI+S < EIS, K (5.7.4.1)
ES+1 < ESI K, (5.7.4.2)

In such inhibition, the inhibitor and the substrate can simultaneously bind to the enzyme.
The nature of the enzyme—inhibitor—substrate binding has resulted in a ternary complex
defined as EIS. The K and K; are identical to the corresponding dissociation constants. It
is also assumed that the EIS does not react further and is unable to deliver any product P.
The rate equation for non-competitive inhibition, u_ ., is influenced:

max?®

keoS/ [1+’J
_ Ki

v=—~ L~ i (5.7.4.3)
S+K;

The maximum specific growth rate is retarded with non-competitive inhibitor. The appar-

ent specific growth rate, v, is smaller than the ordinary specific growth rate, v, ..

viP =9 (5.7.4.4)

max
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If the complex of ESI can be dissociated to product, the rate equation would result in mixed
competitive and non-competitive inhibitors:

EIS—XSEI+P (5.7.4.5)
app ¢
= Ymax (5.7.4.6)
S+ KW

The competitive and non-competitive inhibitors are easily distinguished in a Lineweaver—
Burk plot. The competitive inhibitor intercepts on the 1/v axis whereas the non-competitive
inhibitor intercepts on the 1/S axis. The reaction of inhibitors with substrate can be assumed
as a parallel reaction while the undesired product is formed along with desired product. The
reactions are shown as:

A—" 5 R desired (5.7.4.7)
A—"2 5§ undesired (5.7.4.8)

Since enzyme is not shown in the reaction we assume an elementary rate equation may
explain the above reactions. The simple kinetics are discussed in most fermentation tech-
nology and chemical reaction engineering textbooks.3-10

Example 1
An enzyme is produced for manufacturing a sun protection lotion. Given kinetic data for
mmol
the enzyme reaction with v,,, =2.5———, Km =8.9mM and S, = 12mM, what would be

m’s
the time required for 95% conversion in a batch bioreactor?

Solution
3
v =[25 mmol }(3600s ) Im” | _ 9 mmol
m3s h 1000 L hL

89mM 12 (0.95)(12)
tbalch = In +
9mM/h 0.6

=4.23h

Example 2

Calculate K, and V,, for given substrate concentrations and rates. The inverse rate and
substrate concentrations are calculated in Table E.2.1.
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TABLE E.2.1. Substrate concentration
and reaction rate

S (mol-171) v (mol-17! -min~")
410x 1073 1.77 X 107*
9.50 X 107* 1.73 X 1074
520%x 1074 1.25x 1074
1.03 X 1074 1.06 X 1074
490X%x 107 8.00 X 1073
1.06 X 1073 6.70 X 1073
5.10x 107 4.30X% 107
TaBLE E.2.2.
1/S, I'mol ! 1/v, I'min-mol !
243.9 5650
1052.6 5780
1923.0 8000
9708.7 9434
20408.1 12500
94339.6 14925
196078.4 23256
Solution

Let us inverse the substrate concentration and reaction rate as shown in Table E.2.2.

In evaluation of kinetic parameters, the double reciprocal method is used for linearisa-
tion of the Michaelis—Menten equation (5.7.3).

(a) Use the Lineweaver—Burk plot as defined in the following relation:

I_1 K. 1 (E2.1)

=0.077

22500—10000
Slope = S 7
1.875X10° —2.5X10

v, = 1.25X 107 mol/l-min

K
" —0.077
v (E2.2)

K, =9.6 X107 mol/l
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25000

20000 A
15000 -

10000 - °

5000 "\ 1

v,

1/v, I. min. mol’’!
°

max

0.0 5.0e+4 1.0e+5 1.5e+5 2.0e+5 2.5e+5
1/s, I/mol

Fic. E.2.1. Lineweaver—Burk plot.

TaBLE E.2.3. Data collected and calculated for rate model

S (mol-171) v, mol-1"!min~! S/v, min v/S, min~!
4.10%x 1073 1.77 X 1074 23.00 0.044
9.50 X 10~* 1.73 X 107* 5.50 0.182
520X 107* 1.25 X 107* 4.20 0.240
1.03 X 107* 1.06 X 10~* 0.97 1.030
490X 107 8.00X 107 0.60 1.670
1.06 X 107 6.70 X 1073 0.16 6.250
5.10Xx 10°¢ 430X 107 0.12 8.330

(b) Use another form of linear graphical presentation to evaluate K,, and V, based on
the following relation:

_ K 1 (E.2.3)

This method tends to create a cluster of data near the origin as shown in Figure E.2.2.

_225-60

1073

Slope = 5500

v, =1.82 X 10" *mol/l'min



GROWTH KINETICS 111

25

S/v, min

0.000 0.001 0.002 0.003 0.004 0.005
S, mol/l

Fic. E.2.2. Linear model for the Monod rate equation with populated data at the origin.

10

v/S, min™!

'2 T T T T T
2e-5 4e-5 6e-5 8e5 1e4 1e4

v, mol.I'".min"!

le-d 2e-4 2e-4 2e-4

FiG. E.2.3. Eadie-Hofstee plot.

=£=9.1X 10 mo

m

For the Eadie—Hofstee plot, both coordinates contain rates that are subjected to the great-
est error, as indicated in Figure E.2.3.
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v=v_, — K, — (E.2.3)

A plot of u/S versus v is presented in Figure E.2.3 for defining slope and intercept, K, and
Uoax TESPECtively.
A linearisation model is used to explain the equation of a simple straight line:’

y=bx+a (E.2.4)
where
N
Y %y~ NEy
b=—-4— (E.2.5)

(E.2.6)

X,y are average values of x; and y,

Slope of the line = €
K

K, =6.5X10"° mol-1""!

Vo = 18X 107* mol-1™"“min ™"

Example 3

In batch enzyme reaction kinetics, given K,, = 1073 M and substrate concentration So =
3 X 1073 M, after 2 min, 5% of the substrate was converted. How much of the substrate was
consumed after 10, 20, 30 and 60 min?

Solution

For §, << K,, the rate model is reduced to a first-order rate equation:

The Michaelis—Menten rate equation is:

(E3.1)
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The simplified first-order rate is

d -

_45_ V.S (E.3.2)
dt

Carry out integrations:
S ds t
—I—=V,:Jdr (E3.3)

S

s, 0
S

In—=-v,t E34
S m ( )

The concentration profile is predicted by the following equation

S=S8,e " (E.3.5)
At time equal to 2 min:
si =1-X, (E.3.6)
Cy=C,(1-X,) (E.3.7)
S 095 (E.3.8)
SG
e 2 =095 (E.3.9)
__ In0.95
" 2
=0.2565 min "'

S _ 0025651
S (E.3.10)

o
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Conversion

X, =1—Si:1—e*°-°25“’ (E.3.11)

o

For = 10min, X, = 1 — e0265 = (.226 or 22.6%.

For t =20 min, X, = 1 — ¢ 00256520 = (0 401 or 40.1%.
For =30 min, X, = 1 — ¢ 026560 = 0.5367 or 53.67%.
For t = 60 min, X, = 1 — 00256560 = (). 785 or 78.5%.

Example 4

In a complex enzyme reaction, multiple substrate—enzyme complexes are formed. Assume
the following reaction mechanisms are taking place in three consecutive stages:

S+E«X SES « 2 5ES, -5 sP+E (B.4.1)

Develop a suitable rate expression using the Michaelis—Menten rate equation and the quasi-
steady-state approximations for the intermediate complexes formed.

Solution

Equilibrium dissociation constants are defined as

K, = i_? - % (E4.2)
L= ’;—;‘ = [[5—:;]] (E4.3)

v =ky[ES,] (E4.4)
[ES,]= [f{i‘] (E.4.5)
(ES, 1% (E46)

ks o ks
Y K, LES:] KK, LEILS] (E.4.7)



GROWTH KINETICS 115

1
KK, D (E.4.8)

E= 0 (E.4.9)

1+(K2+1][S]
KIKZ

The total enzyme concentration is:

E—E+ES|+ESZ+E+[E][S] LEIIST _ [1+S{
Kl KIKZ 1

(E.4.10)

v =50 (E4.11)

The final rate expression is:

k ke [S (I? ilj[S]
eks [S] _ 5€,[5] _ (E.4.12)

KK, [1+(II((2;1J[S]] KK, +(K, +D[S] [II((I—(HJ_HS]
1185 2

v =

Example 5

Pesticide inhibition on an active enzyme has been reported, which caused enzyme activi-
ties to reduce. The collected data with and without inhibition are presented in Table E.5.1.
Determine the rate model with and without inhibitor (see Table E.5.1). Also define the type
of inhibition.

TaBLE E.5.1. Substrate concentration and enzymatic rate calculation
with and without inhibition

S, mol-17! v (no inhibitor) v" (inhibitor)
mol-1""min~! X 10°  mol-1-!-min~! X 10°

330X 1074 56 37
5.00x107# 71 47
6.70 X 1074 88 61
1.65X 1073 129 103

2.21%1073 149 125
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TABLE E.5.2. Inverse substrate concentration and inverse enzymatic rate calculation with and

without inhibition

1/S, 1-mol ™! v (no inhibitor) 1v v* (inhibitor) 1,
mol-17"*min~' X 10° mol-1~!-min~! X 10° I-min-mol~!
3030 56 17857 37 27027
2000 71 14085 47 21277
1492 88 11363 61 16393
606 129 7752 103 9709
452 149 6711 125 8000
Solution

Plot both sets of data as a Lineweaver—Burk plot for competitive inhibition (see Fig. E.5.1):

The mechanism of the enzyme with substrate in the present of inhibitor is:

Without inhibition:

ke, S

S+K, (1+’J
k;

v=

E+S X5 ES
E+I « EI
ES—->E+P

e, = E +[ES]+[EI]

o= ke, S _ ke, S
S+K, S+84x107°

K™ =K, £1+ij
. S

15%1073 =84x107* (1+ij

i

L —0.786

ki
i 1073
10786 0.786

=1.73X10"u

(E5.1)

(E.5.2)
(E.5.3)
(E.5.4)
(E.5.5)

(E.5.6)

(E.5.7)

(E.5.8)

(E.5.9)

(E.5.10)



GROWTH KINETICS 117

Plug in a number

ke, x6.7x107*

88X10°° =
6.7%X10*+84x107° (E.5.11)

ke,=12%10"" min"'

61X 10~ — 12X107° x6.7%x10*

' (E5.12)
6.7X107* +84 X107 (1 +Izj

i

ki — 049 (E.5.13)

1

The reading from the plot for the rate without inhibition:

27-5)%x10°
Slope M =73
3000
_ -3
kypp =1.5X10
For the data plotted with inhibition:
18—5)x 10°
Slope A8=5X10" _ 4.2
3100
35000
30000 - o Without inhibition
o with inhibition
25000
5
€ 20000 -
£
E
z 15000 -
10000 -
5000 -
0 T T T T T
-1000 0 1000 2000 3000
1/S, I/mol

FiG. E 5.1. Competitive inhibition based on the Lineweaver-Burk model.
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K, =8.4x10"* mol/L
v, =2X10"* mol/min

Based on the graphical presentation, this is a competitive inhibition.

Example 6

The respiratory quotient (RQ) is often used to estimate metabolic stoichiometry. Using
quasi-steady-state and by definition of RQ, develop a system of two linear equations with
two unknowns by solving a matrix under the following conditions: the coefficient of the
matrix with yeast growth (y =4.14), ammonia (7, = 0) and glucose (5 =4.0), where the
evolution of CO, and biosynthesis are very small (o = 0.095). Calculate the stoichiometric
coefficient for RQ = 1.0 for the above biological processes:

Solution

At quasi-steady-state condition:

ADH + H* 1 4
d[N ]:U_sxa_Zb__ Us_v5(1+o-)__va :O (E61)
dt 2 2 n
+
RO = moles of CO, _ato (E.6.2)
moles of O, b
va 1 5
7_217 :E |:UB_US (1+8)—;UN:|
a—>b (RQ) =g (E63)

The mathematical solution for the above system is set as given by the following matrix:

1
Vs, m: > vB—vs(1+cr)—%VN (E.6.4)
1 —(RQ)

At singular point, let

2 =0 (E.6.5)
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—(RQ)(%S)— —2)(1)=0 (E.6.6)
RO = 4 (E.6.7)
Vg

For anaerobic fermentation, vg = 4 then RQ = 1.0

{2 -2 } [a}: %[4.14—4(1+0.095)—0] :{—0.12}

1 —1.05]|b 0,005 —0.095
a=0.64, b=0.7 (E.6.8)
{2 -2 } H _ [ —-0.12 }
1 —1.05||b| |-0.095
a=0.52, b=0.58 (E.6.9)

Increasing RQ with very small changes causes the constants a and b to change in the reaction.

Example 7

For single- and multiple-substrate kinetics, single-substrate glucose, 30 g-17! and dual
substrates glucose and lactose with each carbohydrate at a concentration of 15 g-17! or total

TABLE E.7.1. Optical density for single and double substrates

Time, h OD, single OD, double Time, h OD, single OD, double

0.0 0.05 0.05 4.5 0.89 0.44
0.5 0.08 0.06 5.0 1.05 0.49
1.0 0.11 0.07 55 1.05 0.51
1.5 0.14 0.08 6.0 1.06 0.53
2.0 0.20 0.10 6.5 1.06 0.61
2.5 0.27 0.14 7.0 1.08 0.85
3.0 0.38 0.19 7.5 1.08 1.04
35 0.50 0.27 8.0 1.08 1.04
4.0 0.71 0.33 — — —
fi,, = 1 h for dual substrate.

fy,, = 0 for single substrate.
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carbohydrate concentration of 30 g-1~! were used in sterilised media (Table E.7.1). The cell
optical density (OD) was measured at wavelength 420 nm. The following data for single
and double substrates were obtained. If OD is linear in cell density with a value of 0.175
equal to 0.1 mg cell dry weight per millilitre, evaluate the specific growth rate, lag phase
and yield of biomass.

Solution
1
ldn_, (E7.1)
n dt
N()=No e*' (E.7.2)
Fortr=5h:
1 .
O_ (1.04)= N(S) = & &3t
0.175 0.175
N(0) = 0.05 0.1gdrycell ) _ 0.05
0.175 0.175
u,, =0.5 h™' dual substrate (Fig. E.7.1) (E.7.3)
For t=8h:

Moy = 3

w,, =0.57 k™' Single substrate

Therefore, yield is:

aow [ 01
Y= .

30

} =0.02

The shape of dual substrates with the same total concentration of sugar and lactic acid
shows two stages like stepwise utilisation of dual substrates has taken place in the cells.
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1.2 1.2
—&— Gilucose, 30 g/I
g O+ Glucose, 15 g/l
8 0.9 Lactose, 15 g/I 09
< o >
® ’ €
a ey
o =)
> 0.6 © -0.6 “;’
‘@ .00 >
3 © S
© =
E S
£ 03+ 0.3
o
o Dual substrate has about the same
.0 pattem as the growth curves are shown
0.0+ T T T T 0.0
0 2 4 6 8 10

Time, h
FiG. E.7.1. Single and double substrate growth model.

Example 8

Monod kinetics are considered in a CSTR with an organism growing with an initial sub-
strate concentration of 50 g-17! and kinetic parameters of K, =2g17" and p,,, =0.5h™"
(a) What would be the maximum dilution rate for 100% yield of biomass with maximum
rate? (b) If the same dilution is used, what would be number of CSTRs in series?

Solution

K, +S,

= -1 — 2
(0.5h )x[l 2+50}

=0.402h"" (E.8.2)

(a) Dmax = Mmax |:1_ L‘| (Egl)

(b) For the first tank, use (5.6.7.5), obtained from the steady-state condition, then solved for
substrate concentration profile. The outlet substrate concentration was calculated as:

_ (0.402)2)
0.5—0.402

=82gl1" (E.8.3)
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Biomass concentration is obtained from definition as substrate is utilised; it is converted to

cells or biomass:

X= YX/S (Sin - Sout)

(E.8.4)

Now substitute the outlet concentration of substrate, resulting in the following equation:

DK
X, = y{so __s}
Max —D

X, = (1)[ so—m} =418g17"

0.5—0.402

For the subsequent tanks, use the steady-state mass balance on substrate:

D(Spoeqg —S)— uX =0
XIS
maxS X
D(S, _52)_u -
Y(S, +K))

X, =X, =Y, —S,)

X, =X, +Y(S,—S,)

. P S2 [ X T Y (S = S))] =0

DS =5) Y(S, +K.)
2 K}

Solve for substrate concentration:

D(Y)(S; = 8,)(S; T Kg) = iy S2[ X +Y(S; = 5,)]
(0.402)(1)(8.2—8,) = 0.5(S,)[ X, +Y( 8.2—35,)]

0.58; +22.518,—-6.6=0

(E.8.5)

(E.8.6)

(E.8.7)

(E.8.8)

(E.8.9)

(E.8.10)

(E.8.11)

(E.8.12)

(E.8.13)
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Solving the quadratic equation, the meaningful substrate concentration is:

S,=0.29 g-1"!
N = two tanks
Example 9

For the design of a CSTR with inhibition, consider the following rate is valid for a CSTR
as a fermentation vessel.

Given the following data:

Initial substrate concentration, S, = 10g-17!

Inlet cell concentration for sterile media, X, =0

The rate constant, K; = 1g-17!

The inhibitory constant, K, = 0.01 g-1"!

The inhibitor concentration, [/]=0.05g-1"!

The w,,, = 0.5 h™! and Yield of biomass on substrate Yy, = 0.1 g cells/g substrate.

Solution

The rate model with inhibition is given by (5.7.3.5).

Y. ¢
e = —PmacSX (E9.1)
K,+S+K,
Ki
S
D=upu= L (E.9.2)
o1
Ki
X, = 0 for sterile feed
X=Yys (S,—95) (E.9.3)
Rearrangement of the rate model and the equation is solved for substrate S:
DK, +DK, (’j
K,
§= Zz (E.9.4)

Mumax — D

With defined values of inhibition concentration, rate constant and given dilution rate, the sub-
strate concentration is calculated based on (E.9.4). The tabulated data are given in Table E.9.1.
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TABLE E.9.1. Dilution rate, substrate concentration, cell dry weight and productivity in
a CSTR with and without inhibition

D, h! [1=0gl"! [7]1=0.05g1"! XD, g-17*h"!

Sl Xl Sl X (gl i=0 i=0.05

0.05 0.11 0.99 0.67 0.93 0.0495 0.0465
0.10 0.25 0.98 1.50 0.85 0.0980 0.0850
0.15 0.43 0.96 2.57 0.74 0.1290 0.1110
0.20 0.67 0.93 4.00 0.60 0.1860 0.1200
0.25 1.00 0.90 6.00 0.40 0.2250 0.1000
0.30 1.50 0.85 9.00 0.10 0.2550 0.0300
0.35 2.33 0.77 — — 0.2700 —
0.40 4.00 0.60 — — 0.2400 —
0.45 9.00 0.10 — — 0.0450 —

For substrate ratio with no inhibition and with inhibition, the following equation is
simplified.

DK,
i — (l’LmaX - D) — 1
DK, +DK,| — | 1+ —
‘| K, K,
(Mipax — D) (E9.5)

Cell productivity can be achieved by multiplying (E.9.2) to X:

— Mmax S[YX/S (SO — Si )]

DX = uX ; (E.9.6)
5 +K, (Hj
. K,
The rate equation without inhibition is:
I"LmaXSi

DX) = —/"— E.9.7
®5 S, +K, (E57)

S+K |1+

XD _(S)(S,—S K;
D) (S )\ 8,5 K, +S (E.9.8)
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For the special case the equation without any inhibition the maximum dilution rate is:

K
Dmax = Mmax 1 - >
{ %+&}

The maximum dilution rate with inhibition is:

Given inhibition concentration as [/] = X/10
Without inhibition (Figs. E.9.1-E.9.3):

— :u'maxSO
S+ K,
With inhibition (Figs. E.9.1-E.9.3):
Dmax — /-LmaxSO
%+&@+1]
Ki
D= Mgy S _ Menax S
S+K, 1+ X S+K, 14750 =5)
10K, 10K,

,- 10K,
lu“max _D lu’max _D

DK, [1+I£] DK, (1+Y(S’0_S)]
S = —

XD =DY(S,—S)

(E.9.9)

(E.9.10)

(E.9.11)

(E.9.12)

(E.9.13)

(E.9.14)

(E.9.15)
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20
161 e Without inhibition
O With inhibition
_ 124
S
€
) ®
8_
4
O T T T
0.0 0.1 0.2 0.3 0.4 0.5
D, h
FiG. E.9.1. Substrate concentration versus dilution rate in a CSTR bioreactor.
1.2
0.9
®
o
S 0.6 °
<
0.3 ® Without inhibition
O With inhibition
°
0.0 T T T T
0.0 0.1 0.2 0.3 0.4 0.5

Fic. E.9.2. Cell dry weight concentration versus dilution rate in a CSTR bioreactor.

Example 10

Microbial growth was discovered with replication of each cell to three daughter cells. With
the growth data define the mean time for the cell divisions. Table E.10.1 shows the cell dry
weight increases with culture incubation time.
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0.30

0.25 4 —e— With inhibition
-0+ With inhibition
0.20 4

0.15 4

XD, g.I'".h1

0.10

0.05 4

°

0.00 T T T

0.0 0.1 0.2 0.3 0.4 0.5
D, h

FiG. E.9.3. Productivity versus dilution rate in a CSTR bioreactor.

TaBLE E.10.1. Microbial growth in a batch fermentation bioreactor

Time, h 0.00 0.50 1.00 1.50 2.0
Cell dry weight, g-17! 0.09 0.15 0.25 0.35 0.55
Solution
1 dXx
—= E.10.1
<4 X ( )

Since the population triples:

M o =3M (E.10.2)
X =X,e ™ (E.10.3)

Then, generation time would be:
t=lln3ﬁ=E (E.10.4)
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TaBLE E.10.2. Natural logarithm of
the cell dry weight concentration

T InX

0.0 —2.303
0.5 —1.900
1.0 —1.470
1.5 —1.080
2.0 —0.670

0.0

-0.6

-1.24

In x, g/l

-1.84

241

_3-0 T T T T T T T
-1.0 -0.5 0.0 0.5 1.0 1.5 2.0 25 3.0
th

FiG. E.10.1. Plot of natural logarithm of the cell dry weight concentration versus time in the batch bioreactor
fermentation.

Table E.10.2 gives natural logarithm of cell dry weight.
The above data are plotted in Figure E.10.1.
Thus, the generation time can be calculated from the slope of Figure E.10.1.

5.8 NOMENCLATURE

C, Molar concentration of component i, g-17!
Cif Molar concentration in feed, g-17!
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Biomass concentration, g-1~!

Initial biomass concentration, g-1~!
Rate of product formation, g-1-'-h™!
Specific growth rate, h™!

M Maximum specific growth rate, h™!

Culture volume, m?

Dilution rate, h™!

Peell Cell density, g1

S Substrate concentration, g1

Yy Yield of biomass
Yy Yield of product

Saturation or Monod constant, g-17!

K*  Apparent Michaelis constant, g-1!
v2ee Apparent maximum specific growth rate constant, h~!

W

Specific growth rate constant, g-1=!. h™!

Inhibition concentration, g-1~!

Inhibition constant, g-1~' D or F/V as dilution rate in h™!
Flow rate, h™!

Working volume of the bioreactor, 1

Cell concentration, g-17!

Specific death rate, h™!

Rate constant for forward, h™!

Rate constant for backward, h™!
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5.9 CASE STUDY: ENZYME KINETIC MODELS FOR RESOLUTION OF
RACEMIC IBUPROFEN ESTERS IN A MEMBRANE REACTOR

5.9.1 Introduction

In this case study, an enzymatic hydrolysis reaction, the racemic ibuprofen ester, i.e. (R)-
and (S)-ibuprofen esters in equimolar mixture, undergoes a kinetic resolution in a biphasic
enzymatic membrane reactor (EMR). In kinetic resolution, the two enantiomers react at dif-
ferent rates; lipase originated from Candida rugosa shows a greater stereopreference
towards the (S)-enantiomer. The membrane module consisted of multiple bundles of poly-
meric hydrophilic hollow fibre. The membrane separated the two immiscible phases, i.e.
organic in the shell side and aqueous in the lumen. Racemic substrate in the organic phase
reacted with immobilised enzyme on the membrane where the hydrolysis reaction took
place, and the product (S)-ibuprofen acid was extracted into the aqueous phase.

In this case study, the kinetic behaviour of the immobilised system was analysed while
the following parameters were taken into account:

(a) the rate equations for native enzymes and immobilised enzymes are not necessarily the
same because of microenvironment and shear stress effects;

(b) within the reaction layer, the substrate should diffuse, then mass transfer and enzymatic
reaction occur simultaneously, giving rise to substrate concentration profiles at levels
lower than the feed concentration;

(c) external mass transfer resistances have to be taken into account, depending on the oper-
ating conditions and the reactor configuration.

The values of the Michaelis-Menten kinetic parameters, Voo and K, characterise the

max
kinetic expression for the micro-environment within the porous structure. Kinetic analyses
of the immobilised lipase in the membrane reactor were performed because the kinetic
parameters cannot be assumed to be the same values as for the native enzymes.

The reaction under investigation is the enzymatic hydrolysis of racemic ethoxyethyl-
ibuprofen ester. The (R)-ester is not active in the above reaction,'=, thus simplifying the
reaction mechanism, as shown in Figure 5.13. Because both enantiomers are converted
according to first-order kinetics, the conversion of one enantiomer is independent of the
conversion of the other.*

5.9.2 Enzyme Kinetics

The initial reaction rate (v,) obtained from each substrate concentration was fitted to
Michaelis—Menten kinetics using enzyme kinetics. Pro (EKP) Software (ChemSW product,

This case study was contributed by:

Wei Sing Long!, Azlina Harun Kamaruddin'!, Subash Bhatia', Ghasem Najafpour?

ISchool of Chemical Engineering, Engineering Campus, Universiti Sains Malaysia Seri Ampangan,
14300 Nibong Tebal, S.P.S., Pulau Pinang, Malaysia.

2School of Chemical Engineering, Noshirvani Institute of Technology, University of Mazandaran,
Babol, Iran.
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/\Om CRL, H20

)-2-ethoxyethyl-ibuprofen ester (S)-ibuprofen acid 2-ethoxyethanol
. COOH
oA XCH; o
+ HO/\/ ~
/\o/\/o CRL H,0
2-ethoxyethanol
(R)-2-ethoxyethyl-ibuprofen ester R)-ibuprofen acid

FiG. 5.13. Lipase-catalysed hydrolysis of racemic ibuprofen ester. CRL: Candida rugosa lipase.

Singapore) was obtained for estimates V. and K, of free lipase reaction and Vo, and K"
and for immobilised lipase reaction. Hanes—Woolf and Simplex methods were used for the
evaluation of kinetic parameters owing to their strength in error handling when experimental

data are subject to random errors.’

5.9.2.1 Substrate and Product Inhibitions Analyses

Substrate and product inhibitions analyses involved considerations of competitive, uncom-
petitive, non-competitive and mixed inhibition models. The kinetic studies of the enan-
tiomeric hydrolysis reaction in the membrane reactor included inhibition effects by
substrate (ibuprofen ester) and product (2-ethoxyethanol) while varying substrate concen-
tration (5-50 mmol-1~"). The initial reaction rate obtained from experimental data was used
in the primary (Hanes—Woolf plot) and secondary plots (1/V, ., versus inhibitor concentra-
tion), which gave estimates of substrate inhibition (K5) and product inhibition constants
(Kip). The inhibitor constant (K4 or K) is a measure of enzyme—inhibitor affinity. It is the
dissociation constant of the enzyme—inhibitor complex.

Table 5.1 presents the intrinsic kinetic parameters (K, and V) for the free lipase sys-
tem and apparent kinetic parameters (K" and V,ov) for the immobilised lipase in the EMR
using fixed 2 g-17! lipase concentration. The immobilised lipase showed higher maximum
apparent reaction rate and greater enzyme—substrate (ES) affinity compared with free lipase.

5.9.2.2  Substrate Inhibition Study

The inhibition analyses were examined differently for free lipase in a batch and immobilised
lipase in membrane reactor system. Figure 5.14 shows the kinetics plot for substrate inhibi-
tion of the free lipase in the batch system, where [S] is the concentration of (S)-ibuprofen
ester in isooctane, and v, is the initial reaction rate for (S)-ester conversion. The data for
immobilised lipase are shown in Figure 5.15; that is, the kinetics plot for substrate inhibi-
tion for immobilised lipase in the EMR system. The Hanes—Woolf plots in both systems
show similar trends for substrate inhibition. The graphical presentation of rate curves for
immobilised lipase shows higher values compared with free enzymes. The value for the



132 BIOCHEMICAL ENGINEERING AND BIOTECHNOLOGY

TABLE 5.1. Kinetic parameters for EMR and free lipase system

EMR Free lipase system
VP (mmol-17!-h~1) K, (mmol-1"1) Vpax(mmol-171 h ™1 K, (mmol-1"1)
3.27 36.47 2.83 63.43

: : 1.8 : : : :
© 0 mmol/L 0 0 mmol/L | | | |
0100 mmol/L 1.6 o 100 mmol/L |- ————+———]———+——|
A 200mmol/L A 200 mmol/L | | | |
T T 14 ——=F== |———I
<
5 12 L
- S |
£ 2 !
- £ 10 -——1——
> E |
= o 0.8
2 > |
0.6 R
0.4
0.2
00 S S S T —
0 10 20 30 40 50 60 70
[S] (mmol/L) [S] (mmol/L)

FIG. 5.14. Substrate inhibition plots for batch system with top left corner showing the concentration of substrate
inhibitor designated by [S*] (Left: Hanes-woolf; Right: Curve fit).

maximum specific growth rate in the immobilised enzyme reactor was 15% higher than the
free enzyme system. The K| values calculated by EKP software are presented in the Table 5.2.
The inhibition constant (K;g) in EMR was 49.52 mmol-1~, higher than the value obtained
in batch system (43.07 mmol-171").

A possible substrate inhibition in the system was uncompetitive inhibition, as determined
by EKP software. The mechanism of this kind of inhibition is presented in Figure 5.16.
The reduction of K" was caused by a possible uncompetitive inhibition, because exces-
sive substrate binds to the enzyme—substrate complex forming the ternary ESS* complex,
as depicted in Figure 5.16. This phenomenon showed an apparent increase in the affinity
of the enzyme against the substrate as a result of more substrate being bound to the enzyme,
i.e. the ESS* formation, thus leading to a reduction in V**, This uncompetitive inhibition
effect was in agreement with the literature that substrate inhibition in enzyme-catalysed
reactions decreases the reaction rate for Michelis—Menten kinetics, resulting in the drop
of racemate conversion.> Matson and Lopez, Xiu and Jiang, and Xiu et al.*®7 found that
when substrate inhibition took place, the conversion dropped and the enantiomeric reac-
tion rate decreased, causing the optimal time for terminating the reaction for a racemic
resolution to become longer. Uncompetitive inhibitor binds to the enzyme-substrate
complex, hence pulling the equilibrium of the substrate binding reaction to the right
(Figure 5.16), causing an apparent increase in the enzyme—substrate affinity and a decrease
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I
oO0mmollL || | | | |
Mo 100 mmol/ [~ 1404 ——— bk —— 4 ———F—

A 200 mmol/L

[S1/v, (h)
Vo (mmol/L.h)

[S] (mmol/L)

166 3,0 4

2,511

2,0

0,08 T T T

0 0 mmol/L : : :
0 100 mmol/L | | |
A 200 mmol/L ‘——:'——T———:———
T T
|

[S] (mmol/L)

FIG. 5.15. Substrate inhibition plots for EMR system with top left corner showing the concentration of substrate
inhibitor designated by [S*] (Left: Hanes-woolf; Right: Curve fit).

TABLE 5.2. K4 value for free

lipase and EMR

Inhibition K (mmol-171)
Free lipase Uncompetitive 43.07
EMR Uncompetitive 49.52
ESS*
ol
s*

K, +

k:
E+SﬁES%E+P’

FiG. 5.16. Enzyme mechanism with uncompetitive substrate inhibition.

in the value of K,pr. In other words, the inhibitor and substrate each bound to the enzyme

independently.

5.9.2.3  Product Inhibition Study

The 2-ethoxyethanol was a by-product, as shown

in Figure 5.13. The formation rate of

2-ethoxyethanol was the same as the conversion rate of the (S)- or (R)-ibuprofen ester: one

mole of 2-ethoxyethanol was formed when one mole

of ester was catalysed. A known concen-

tration of 2-ethoxyethanol was added in the organic phase before the start of the reaction
for product inhibition. The plots of the kinetics for the free lipase system are presented in
Figure 5.17 and immobilised enzyme (EMR) in Figure 5.18, respectively. The K, value
was 337.94 mmol-1~! for the free lipase batch system and 354.20 mmol-1~! for immobilised
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FIiG. 5.17. Free lipase in batch system: Product inhibition plots (Left: Hanes-woolf; Right: Curve fit).
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FiG. 5.18. Immobilised lipase in EMR: Product inhibition plots (Left: Hanes-woolf; Right: Curve fit).

lipase in the EMR. The product inhibition constants (Kjp) for the two systems are given in
Table 5.3. The 2-ethoxyethanol was found to be a non-competitive inhibitor to the substrate
as determined by the EKP software, with the mechanism shown in Figure 5.19.

In non-competitive inhibition, the substrate (S) and inhibitor (I) have equal potential to
bind to the free enzyme (E). The inhibitor forms a ternary complex with enzyme—substrate
(ES) whereas the substrate will form another ternary complex with enzyme—inhibitor (EI).
Since the non-competitive inhibitor had no effect on the binding of substrate to the enzyme,
the K, value remained consistent (or unchanged). There are two different ways for the for-
mation of ESI ternary complex; this complex would not form the product and therefore
was decreased. Non-competitive inhibitor had no effect on substrate binding or the
enzyme—substrate affinity, therefore the apparent rate constant (K.'") was unchanged.’
A possible reason for product inhibition was because of the nature of 2-ethoxyethanol,
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TABLE 5.3. K value for batch system and EMR

Product inhibition Kp (mmol-17")
Batch system Non-competitive 337.94
EMR Non-competitive 354.20
K ky
E+ S T— ES — E+ P
+ +
| |
K, /‘L /‘L KIP
P K,Is

El + § —— ESI

FIG. 5.19. Enzyme mechanism with non-competitive product inhibition.

which is miscible in both aqueous buffer and organic solvent. K, was larger than K5 by
an order of magnitude, i.e. K was 337.94mmol 17! for the free lipase system and
354.20 mmol-1"! for EMR while K was 43.07mmol-1"! for the batch system and
49.52 mmol-1"! for EMR.

5.9.3 Enzyme Kinetics for Rapid Equilibrium System
(quasi-equilibrium)

Enzyme reaction kinetics were modelled on the basis of rapid equilibrium assumption.
Rapid equilibrium condition (also known as quasi-equilibrium) assumes that only the early
components of the reaction are at equilibrium.?-'° In rapid equilibrium conditions, the enzyme
(E), substrate (S) and enzyme—substrate (ES), the central complex equilibrate rapidly com-
pared with the dissociation rate of ES into E and product (P"). The combined inhibition
effects by 2-ethoxyethanol as a non-competitive inhibitor and (S)-ibuprofen ester as an
uncompetitive inhibition resulted in an overall mechanism, shown in Figure 5.20.

5.9.4 Derivation of Enzymatic Rate Equation from
Rapid Equilibrium Assumption

The mechanism involved the overall conversion of [S] to [P]. The reverse reaction is
insignificant because only the initial velocity in one of the forward direction is concerned.
The mass balance equation expressing the distribution of the total enzyme is:

[E], = [E]+[ES]1+[EIN+[ESI]+[ESS"] (5.94.1)
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The rate-dependent equation was expressed in the form:

v=k,[ES] (5.94.2)
where v indicates the initial rate of the product-forming species. The rate equation was
divided by [E]:

v k,[ES] (5.9.4.3)

ﬁ_ [E], = [E1+[ES]+[EI+[ESI1+[ESS"]

where [E], contains a total of five enzyme species of one free and four complexes of
enzyme, substrate and inhibitor. The concentration of each enzyme species was expressed
in terms of free enzyme, E. This was accomplished by rearranging the expressions for the
various equilibria. In this case, there are four equilibria:

[E]1[S] [S]
- —~[ES]=2(E 5944
n = ES] [ES] Km[ ] ( )
(= (5945
1P
(esr) = LEISIU] (5.9.4.6)
KmKIP
(Ess’ 1= LEISIS 1 (5.9.4.7)
KmKIS
ESS*
&)
S*
K, * .
E+ S — E —> E4+ P
+ +
| |
K’[P
Ko WL K's WL

El + S —— ESI

FiG. 5.20. Kinetics mechanism with uncompetitive substrate inhibition and non-competitive product inhibition.
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Each enzyme complex in the rate-dependent equation was substituted by the above equa-
tions in terms of [E]. After cancelling [E] and substituting kp[E]t = V..« the following rate
equation was obtained.

Is1

VV = Ky . (5.9.4.8)
w1, U1, ISIUT 1S], [SIS']
KIP KmKIP K KmKIS

m

The above equation can be transformed into the Michaelis—Menten equation by multiply-
ing the numerator and denominator by K,,:

VV _ L] i (5.9.4.9)
K +[S])(1+[I]]+ [S10S"]
1P KIS
In the present work, [/] = [P] and [S*] = [S], so the equation becomes:
V= V‘"”[i]o] ST (5.9.4.10)
(K, +[S])(1+J+
KIP KIS

The above rate equation is in agreement with that reported by Madhav and Ching [3]. This
rapid equilibrium treatment is a simple approach that allows the transformations of all
complexes in terms of [E], [S], Kig and K p, which only deal with equilibrium expressions
for the binding of the substrate to the enzyme. In the absence of inhibition, the enzyme
kinetics are reduced to the simplest Michaelis—Menten model, as shown in Figure 5.21.
The rate equation for the Michaelis—Menten model is given in ordinary textbooks and is as
follows:!!

v=VmL[S] (5.9.4.11)
[S]+K,,

K k
E+ S — ES —/> E+F

FiG. 5.21. First-order reaction kinetics mechanism without inhibitions.



138 BIOCHEMICAL ENGINEERING AND BIOTECHNOLOGY

5.9.5 Verification of Kinetic Mechanism

The velocity equation for rapid equilibrium system was easily derived by inversing the
numerator and denominator of (5.9.4.10):

QZ(KH[S]](HE}L@ (5.9.5.1)
v [S] Kp) K
1 L(H&)(HQ}L@ (5.9.52)
v Vmax [S] KIP Vmax KIS
1_ LL(H&)[;DHL(HK_MQJ (5.9.5.3)
v Vmax KIP [S] Vmax [S] KIS

Plotting 1/v against [P] will result in a Dixon plot, which is plotted at different fixed [S]
with the slope:

K
LL(1 +—= ) (5.95.4)
Vmax KIP [S]
and the y-intersect:
K
L(H_uﬁ] (5959
Vmax [S] KIS

The plotting of Dixon plot and its slope re-plot (see 5.9.5.9) is a commonly used graphical
method for verification of kinetics mechanisms in a particular enzymatic reaction.” The
proposed kinetic mechanism for the system is valid if the experimental data fit the rate
equation given by (5.9.4.4). In this attempt, different sets of experimental data for kinetic
resolution of racemic ibuprofen ester by immobilised lipase in EMR were fitted into the
rate equation of (5.7.5.6). The Dixon plot is presented in Figure 5.22.

Dixon Plot:

app app
l: 1 L 1+Km [P]+ 1 1+Km +ﬁ (5.9.5.6)
v Vo K [S] Vinix [S] K

The slope and intersect of the illustrated plot were determined and compared with values
calculated from (5.9.5.7) and (5.9.5.8):

1 1 KPP
Slope = —| 1+—=
VP Kip [S] (5.9.5.7)

max
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1/v & [S]=5 mmol/L

® [S]=10 mmol/L 6 -
A [S]=20 mmol/L
X [S]=30 mmol/L 5 4
+ [S]=35 mmol/L
A [S]=50 mmol/L 41

-350 250 -150 -50 50 150 250 350 450 550
Concentration of 2-ethoxyethanol, [P]

FiG. 5.22. Dixon plot: 1/v versus [P] at different initial substrate concentrations.

TABLE 5.4. Comparison between graphical value (Figure 5.21) and calculated value

[S] (mmol-17") Slope Intersect

From Calculated Error  From Calculated Error
Figure 5.21 from (5.135) (%) Figure 5.21  from (5.136) (%)

5 0.0070 0.00720 2.7 2.6509 2.567 3.23
10 0.0039 0.00400 2.5 1.5292 1.4828 3.10
20 0.0024 0.00244 1.64 0.9360 0.9870 5.17
30 0.0020 0.00190 5.26 0.8140 0.8630 5.68
35 0.0018 0.00176 2.27 0.7911 0.8406 5.94
50 0.0015 0.00150 0.00 0.7852 0.8276 5.19

app
Intersect = — (l-l—KL-i-ﬁj (5.9.5.8)
max [S] KIS

The experimental values fit the velocity equation with insignificant deviation in the slope
and intersect values at maximum error of +5.94 % (see Table 5.4). The corresponding
slope re-plot given by (5.9.5.9) was plotted in Figure 5.23.

K 1 1
Slope re-plot = ———| — |+ ——— (5.9.5.9)
Vi Kip \[S1) - VoiZKp
app
Slope = —*— (5.9.5.10)

VaPP KIP

max
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FiG. 5.23. Slope re-plot: the slope of the Dixon plot was plotted against 1/[S].

TABLE 5.5. Slope re-plot (slope of Dixon plot versus 1/[S])

Slope Intersect
Slope re-plot Calculated from Error Slope re-plot Calculated from Error
(Figure 5.22) (5.138) (%) (Figure 5.22) (5.139) (%)
0.0303 0.0315 3.81 0.0009 0.00086 4.65
1
Intersect = ——— (5.9.5.11)
Vinix Kip

The values determined from Figure 5.23 agree well with the values calculated from the
equations (Table 5.5), with an error of =3.81% for the slope and +4.65% for the intersect,
respectively. The obtained experimental data were consistent with the proposed enzymatic
reaction and the reaction mechanisms with uncompetitive substrate inhibition and the non-
competitive product inhibition model.
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CHAPTER 6

Bioreactor Design

6.1 INTRODUCTION

To design a bioreactor, some objectives have to be defined. The decisions made in the
design of the bioreactor might have a significant impact on overall process performance.
Knowledge of reaction kinetics is essential for understanding how a biological reactor
works. Other areas of bioprocess engineering such as mass and energy balances, mixing,
mass transfer and heat transfer are also required.

The bioreactor is the heart of any biochemical process in which enzymes, microbial, mam-
malian or plant cell systems are used for manufacture of a wide range of useful biological
products. The performance of any bioreactor depends on many functions, such as those listed
below:

* Biomass concentration e Nutrient supply

e Sterile conditions ¢ Product removal

* Effective agitations * Product inhibition

¢ Heat removal e Aecration

¢ Correct shear conditions ¢ Metabolisms/microbial activities

There are three groups of bioreactor currently in use for industrial production:

1. Non-stirred, non-aerated system: about 70% of bioreactors are in this category.
2. Non-stirred, aerated system: about 10% of bioreactors.
3. Stirred and aerated systems: about 20% of the bioreactors in industrial operation.

Non-stirred, aerated vessels are used in the process for traditional products such